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Abstract

The  characterization  of  fluid  dynamics  and  mass  transfer  is  often  influenced  by  phase

maldistribution. An existing cell  model approach for fluid distribution is extended for gas

distribution and mass  transfer. The model  differentiates  wall  and bulk  zones,  allowing a

detailed evaluation of local fluid dynamics and mass transfer, which is based on a state-of-

the-art literature correlation. Distribution parameters are determined experimentally. The

model  allows  scale-up  by  considering  the  phase  distribution  at  constant  computational

effort. A scale-up strategy to adapt the distribution parameters to different geometries is

presented. Results for fluid dynamics and liquid distribution are in good agreement with

experimental data of columns with diameters of 0.288, 0.5 and 0.6 m. Mass transfer is in

good  qualitative  agreement  with  own  experiments  in  a  0.288  diameter  column.  While

maldistribution consequently reduces the gas side mass transfer,  the reduced liquid bulk

flow weakens the effect of liquid side mass transfer.
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1. Introduction

Liquid maldistribution is a well-known phenomenon in packed columns, which can occur at different

intensities,  especially  in  random packings1.  There  are  various  types of  maldistribution in  packed

columns, which are usually divided into large and small scale maldistribution 2. The main causes of -

maldistribution are initial maldistribution1, e.g. due to inadequate design of the liquid distributor, and

maldistribution  resulting  from  the  packing  itself3.  The  latter  include  wall  flow  as  a  large-scale

maldistribution resulting from the anisotropy of the packed bed at the column wall, and small-scale

maldistribution that often results from voids or densely packed sections within the packed bed or

support structures2.

Maldistribution is known to reduce separation efficiency in industrial sized columns4. In particular,

the effect of maldistribution on the characterization of random and structured packings is of great

interest since fluid dynamics and mass transfer characteristics are important for column design and

scale-up. These parameters determined with laboratory equipment can vary considerably depending

on the equipment used and the maldistribution present5.  For a safe and efficient column design,

engineers  must  rely  on  the  characterized  data,  which  are  usually  provided  by  the  internal

manufacturer. The column is then designed or scaled-up using the data provided and experience-

based safety margins for the height of the packed bed6. One of the main reasons for uncertainties in

the design of  packed columns can be attributed to the wall  flow affecting the characteristics  in

laboratory  equipment,  especially  when the  column to  packing  diameter  ratio is  lower than six 7.

However,  even above this ratio a significant wall  flow can be observed8.  To address the topic of

maldistribution  and  its  effect  on  the  packed  column  scale-up,  a  comprehensive  model  and

parametrization approach is presented, which allows the determination of fluid dynamics and mass

transfer in random packed columns influenced by maldistribution. The approach is based on a cell

model developed by van Holt8–12, which is extended by a more detailed representation of the wall

flow. A description of the gas distribution, pressure drop and mass transfer is also implemented.
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Experimental  data  obtained  with  a  wire-mesh  sensor  are  used  for  parametrization  of  the  fluid

distribution.

2. Cell models for packed column design

Throughout the history of maldistribution in packed columns, different model approaches have been

developed to describe and understand the phenomena of liquid and gas phase distribution. Although

there are many different types of models, three different approaches can be distinguished to predict

maldistribution: Diffusion models, CFD models and cell models. 

The first diffusion model was presented in 1957 by Cihla and Schmidt13 and consequently has been

further investigated in many subsequent studies. Of all approaches, the diffusion model is the most

intuitive and can simulate large column volumes up to the industrial scale. However, the level of

detail of such models is low and the mechanism of liquid distribution is mostly based on gradients for

liquid  hold-up  or  concentration  and  a  diffusion  or  a  spreading  coefficient.  This  is  often  in

contradiction with the idea of continuous liquid mixing, even when a steady distribution is reached.

With the increase in computing power, CFD models are becoming more promising for simulating

two-phase countercurrent flow in packed columns. CFD models combine a very high level of detail

with a resulting high extrapolation capability. Nevertheless, multiphase CFD approaches are still at a

level of validation and the simulation of complex structures is often limited to geometrically periodic

structures14. Moreover, long computing times are required to calculate large column volumes.

Cell models combine the advantages of the previously discussed approaches by enabling to simulate

the entire column while maintaining an appropriate level of detail.  Cell models can be applied to

evaluate the influence of fluid dynamics and liquid distribution on mass transfer and still allow the

implementation of flow phenomena. Different model approaches are available, which can be divided

into network models, random distribution models and non-random distribution models.

In 1966 Jameson15 developed a model approach based on the idea of a cell network at the scale of a

packing element that can be transferred into the diffusion equation and also considers wall effects.

3



The cells are arranged as layers of concentric rings around the center of the column. The flow from

each  cell  is  distributed  as  shown  in  Figure  1  A  by  splitting  parameters,  which  were  fitted  to

experimental data of Baker et al.16. Herskowitz and Smith17,18 adapted the approach of Jameson15 to

model liquid flow in trickle bed reactors. To model the wall flow maldistribution, two distribution

parameters are used for the bulk and wall cells. The parameters were fitted to experimental flow

rates obtained with a liquid collector17 and tracer distribution experiments18. Local liquid flow rates

and the concentration profiles were simulated with sufficient accuracy. 

 

Figure 1:  Liquid distribution directions in cell models: A) vertical and diagonal and b) vertical and

horizontal direction 

The cell model approach developed by Hoek in 19832 is based on a random-walk simulation. This

type of model is also known as “natural flow models” because liquid distribution is assumed to be a

random process. The column is divided in rectangular cell layers with a cell of the size of a packing

element. The liquid is described as “spheres”, which can move randomly in the directions indicated

by Figure 1 B to describe small-scale maldistribution. A diffusion model was used to describe the

large-scale maldistribution. Albright3 developed a similar random distribution cell model for liquid

flow to study the bed depth required for natural flow distribution. The liquid flow in the column cells

is divided by half with one half flowing straight downward and the other being distributed to one of

the diagonal cells according to Figure 1 A. Wall flow is considered by a redistribution coefficient at

the column wall. 

Another random distribution approach was introduced by Stikkelman19. The cell model is based on a

Monte-Carlo distribution mechanism. Similar to the model of Albright3 and Hoek2, fractions of the
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liquid are distributed according to Figure 1 A. In addition to the liquid flow distribution, Stikkelman

also  considers  the  gas  distribution.  Wall  effects  are  modeled  by  implementing  two  different

distribution factors for the column wall and bulk. 

In 2001, Wen et al.20 introduced a random walk cell model, but with cell size of 1/10 th of the scale of a

single packing element. The distribution parameters are calculated by triangulating the real packing

surface gradient within the cell. Therefore, a random packed bed and the position of each packing

element is  simulated using a collision detection algorithm21.The liquid is  distributed according to

Figure  1,  B.  The  model  is  in  good  agreement  with  experimental  data  without  the  need  of

experimental distribution coefficients.

A different random distribution approach was presented in 2007 by Wild and Engel 22 and further

developed by Wild et al.23 and Hanusch et al.24,25. The model consists of hexagonal cells with the size

of a packing element from which the liquid can flow straight and diagonally downward into the seven

adjacent  cells.  A  set  of  distribution coefficients  for  each adjacent  cell  was obtained from virtual

irrigation experiments of CAD random packing models for a total of seven spatial packing positions.

The sets of distribution parameters for all directions were randomly applied to the cells to describe

the  liquid  distribution  as  realistically  as  possible.  Liquid  hold-up  and  pressure  drop  were

implemented based on a fluid dynamic correlation. Wall flow was achieved with a reduction of the

distribution parameters in the wall cells by a random number between 0 and 1 to account for the

decrease in porosity at the wall. The model was validated against a variety of random packings and

initial distributions with reasonably good agreement between measured and simulated liquid flow

profiles within a range of 50 % accuracy. 

Zuiderweg et al.26,27 developed the first model for predicting the mass transfer, taking into account

the influence of  liquid maldistribution,  but not the random behavior  of  the liquid.  The model is

known as  the zone/stage model  and was applied for  random and structured packings.  Different

geometric approaches were realized, e.g., annular rings, ring segments and rectangular cells with cell

sizes greater than a single packing element. The height of each stage was chosen as the HETP of the
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packing for ideal irrigation. The liquid distribution is calculated by applying a splitting factor, which

was obtained from the spreading coefficient determined for the diffusion models. Different splitting

factors are applied for wall and bulk cells. The liquid is distributed according to Figure 1 A. Mass

transfer was successfully determined for a variety of cases based on the simulated liquid distribution

profiles. In 1997, Song et al.28 modified this approach by adding random flow directions as well as

random  flow  fractions  from  one  cell  to  the  adjacent,  transferring  this  approach  in  a  random

distribution “natural flow”. Higler et al.29 also extended the mass transfer approach of the zone/stage

model by a non-equilibrium approach, considering the chemical potential in each cell. 

Using  cross-sectional  temperature  profiles  for  model  verification,  Potthoff30 and  Schneider31

investigated a cell model approach with hexagonal cell layers and concentric ring segments at the

column wall. Plug flow is assumed within each cell and the exchange of the fluids between the cells is

calculated depending on the diffusion coefficient,  which is determined by the already mentioned

diffusion model approach. The geometry differences between bulk and wall cells are calculated on

the base of the cell side areas. The cell includes several packing elements since the cell number is

fixed in this model approach. The liquid is distributed as shown in Figure 1 A, using two distribution

parameters  for  wall  and  bulk  cells.  Mass  transfer  was  realized  based  on  the  HTU-NTU concept.

Kammermaier32 further developed this approach by implementing additional distribution element

zones as well as anisotropic distribution parameters with an increased liquid distribution towards the

wall. 

Recently, van Holt et al.8–12 introduced a non-random cell model approach for prediction of the liquid

distribution and the scale-up of packed columns, which focuses on the wall flow. The approach is

similar to the zone/stage model by Zuiderweg26,27 with variable cell sizes depending on the chosen

segmentation. Instead of complete rings, the column is divided into concentric ring segments and the

liquid is distributed according to Figure 1 B. Cell hold-ups are determined as a function of the liquid

distribution using a common literature correlation. Van Holt determined the distribution parameters

from measurements with a wire-mesh sensor. The simulation results and experimental data were in
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good agreement  at  low liquid  loads but  deviate  at  higher  ones.  Scale-up was performed by  an

increase of the cell number. The simulation results for a scaled-up column filled with Pall Ring 25 M

were shown to be in reasonably good agreement with experimental data of Kouri and Sohlo33.

3. Modeling fluid maldistribution in packed columns

3.1 Model structure and fluid distribution mechanism

The  goal  of  this  publication  is  to  present  a  model  approach  that  focuses  on  large-scale

maldistribution. On the one hand, the influence of wall flow on fluid dynamics and mass transfer

during  characterization  and  scale-up  is  described  with  high  accuracy  to  allow  a  more  detailed

description of local mass transfer in wall and bulk zones of the packed column. On the other hand,

the effect of initial maldistributions can be addressed by the application of different liquid distributor

designs. The model of van Holt et al.8–12 is chosen as a basis, because first promising scale-up results

were achieved.

In contrast to the previous model, where scale-up is done by increasing the number of cells, this

model is  intended to operate at  a  constant cell  number.  Scale-up is  performed by adjusting the

distribution parameters to the larger geometry.  This was found to be advantageous, because the

adaption  of  the  distribution  coefficients  to  experimental  data  can  be  done  with  a  high  spatial

resolution at a chosen computational effort. The computational effort then does not change during

scale-up, because the number of equations is kept constant at the expense of decreasing spatial

resolution. The process of parameter adjustment and scale-up is described in chapter 4.

As  displayed in  Figure  2,  polar  coordinates  are chosen for  cell  geometry.  The model  consists  of

several layers of concentric ring segments. The fluid is distributed vertically into the next cell layer (

V̇ out , down¿ as well as radially in the adjacent cells (V̇ out , side¿. Thus, increased mixing, that occurs at

loading and flooding conditions, can be described within the same cell layer. The liquid distribution is

modeled by a distribution coefficient ki based on the idea of a single random packing element shown
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in Figure 3 A. The distribution coefficient is defined as the ratio between lateral flow V̇ side , packing
 and

total flow V̇ out , packing
 as given by equation (1).

k i=
V̇ side , packing

V̇ out , packing

=
V̇ side , packing

V̇ down , packing+V̇ side , packing

(1)

Figure 2: Model geometry and liquid distribution directions

Figure 3: Distribution direction of A) a single packing element and B) cell side areas for liquid flow

The flow behavior at the wall differs from that in the bulk. Inside the column bulk, a strong mixing

between liquid films and rivulets takes place, while interactions in the wall region are lower due to

less contact points between the packing elements and the wall. Most of the liquid flows straight

down the wall and only a small fraction is redistributed into the bulk by adjacent packing elements.

Therefore, two distribution parameters ki are used for the bulk k bulk and the wall k wall. 

The transition from the single packing element to the cell geometry is done by area weighting with

the respective side surfaces Aside,j and Adown according to equations (2) to (4) or Figure 3 B. According
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to equation (5), constant liquid spreading is achieved by a constant cell width in radial direction and a

scaling factor w in tangential direction, shown in in equation (5). The factor w relates the cell width

rj - rj-1to the average circumference π n tg
-1 ( rj +r j-1) of a cell. This depends on the outer and inner cell

radius rj and rj-1 and the number of cells in the tangential direction ntg.

V̇ out , down=
(1−k i ) ∙ V̇ out , packing ∙ Adown

(1−k i )∙ Adown+∑
j=1

4

k i ∙ A side , j
(2)

V̇ out , side , j=
k i ∙V̇ out , packing ∙ A side , j ∙w

( 1−ki ) ∙ Adown+∑
j=1

4

k i ∙ A side , j
(3)

V̇ out=V̇ out ,down+∑
j=1

4

V̇ out ,side , j
(4)

w=1 for radial cell sides;
w=

r j−r j−1

2 π
ntg

r j+r j−1

2

 for tangential cell sides (5)

With this definition, a constant liquid spreading, as usually observed in distribution experiments, can

be achieved, which is linear with respect to the column height and the reciprocal of the column

diameter. This linear dependency eases adaption of the parameters to scaled-up column dimensions.

Gas distribution is chosen in analogy to the liquid distribution. While experimental coefficients are

necessary for liquid distribution, gas distribution coefficients could not be determined sufficiently by

experiments. Therefore, an approach presented by Duss34 was adapted, which assumes the local gas

flow in such a way that the local pressure drops are constant across the cell layer. Furthermore, it

was assumed that gas distribution is proportional to ratio of gas load and flooding point FV∙FV,FL
-1 with

a maximum in gas mixing at the flooding point. Equation (6) represents this approach, with the first

part being responsible for the equalization of the local pressure drops in the cell layer. The exponent

A has to be chosen high enough to reduce the deviation between the pressure drop of the cell and

the cell layer to a predefined accuracy, but low enough to avoid solution problems of the numerical

solver. In this work, the gas exponent is chosen to be < 50, resulting in pressure gradients < 1 Pa
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across the different cell layers. While bulk and wall cells are treated separately, no differentiation

was made between wall and bulk cells for the gas distribution, because gas distribution is linked to

the liquid distribution via the local liquid loads. 

k gas=[ (∆ p ∙H−1 )cell
(∆ p ∙H−1 )layer ]

A

(
FV
FV , Fl ) (6)

For each cell the mass and molar conservation equations (7) and (8) are solved for the liquid phase,

where  H L, cell
 is  the  liquid  cell  hold-up,  V cell

 and  ccell the  geometric  cell  volume  and  cell

concentration,  V̇ ¿
 and  V̇ out

 the  incoming  and  outgoing  flows  and  c¿
 and  cout  the  respective

concentrations. Gas flow was assumed to be incompressible over the column height, which leads to

the conservation equations (9) to (11), where Ġ¿
 and Ġout

 are the incoming and outgoing gas volume

flows, HG
 the gas hold-up and y¿

 and yout  the corresponding fractions of the transferred component

for which ideal gas behavior is assumed.

d H L, cell

dt
V cell=∑ V̇ ¿−∑ V̇ out

(7)

d (H L ,cellV cell ccell )
dt

=∑ V̇ ¿ c¿−∑ V̇ outcout+ṅ flux (8)

∑ Ġ¿−∑ Ġ out=Ġflux
(9)

HG=(1−HL) (10)

∑ Ġ¿ y¿−∑ Ġ out yout=ṅflux (11)

The transferred molar amount  ṅ flux between gas and liquid is calculated by the mean logarithmic

concentration gradient according to equation (12) with  kOL as  the liquid  based volumetric  mass

transfer coefficient, x and y myx
-1 as the molar fractions and the equilibrium molar fraction of the cell

outlet and the cell inlet.

ṅ flux=kOL aV cell

( ycell ∙m yx
−1

−x¿)−( y¿ ∙m yx
−1

−xcell )

ln(
ycell ∙m yx

−1
−x¿

y¿ ∙m yx
−1

−xcell )
(12)
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3.2. Cell characteristics: Hold-up, pressure drop and mass transfer

As mentioned before, the bulk cell characteristics, including the liquid hold-up, the pressure drop and

the mass transfer parameters, are calculated by means of correlations. However, instead of constant

gas loads, loading points and flooding points as applied in the original model, in the present version,

local  values are calculated for each cell.  Since no correlations are available to describe the local

characteristics, the set of integral correlations by Billet und Schultes35 was implemented for local fluid

dynamics  and  mass  transfer.  First,  the  local  gas  loads  for  loading  and  flooding  are  calculated

considering the local liquid loads. The latter is defined by the axial flow from the overlying cell and

the  cell  surface  area  in  axial  direction.  On  this  basis,  hold-up,  pressure  drop  and  mass  transfer

parameters are calculated iteratively considering the local liquid and gas loads of each cell.

As in reality, the flow behavior at the column wall differs from that in the bulk. Instead of hold-up

correlations, the film flow at the column wall is approximated with the film flow theory according to

Nusselt36, which also is the basis for the Billet and Schultes1 correlation The film thickness δ in each

cell i can therefore be calculated by equation (13) as a function of the local liquid load  uL, i at the

column wall, the liquid viscosity ηL, the density ρL and the specific surface area a. The wall cell hold-

up is defined by the given film thickness, which then requires a constant wall cell size, independent of

the column diameter. Changing the wall cell width would influence the hold-up and consequently the

pressure drop. This would contradict the expectation that a wall film of known thickness would also

result in the same wall pressure drop, independent of the column geometry. Moreover, a smaller

wall region is expected for smaller packings. Therefore, the ratio of wall area to wall cell volume was

assumed to be equal to the specific packing surface, which is unique to each type of packing and

usually increases with decreasing packing size. The resulting cell width ∆rwall can be calculated using

equation (14).  

δ i
3
=3

uL ,iηL
a ρL g

(13)
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a=awall=
wallarea
cell volume

=
2 π R

π [R2
−(R−∆rwall )

2 ]
≈

1
∆rwall

(14)

Again, the Billet and Schultes35 correlation is used in a modified form for the wall cells to approximate

loading, flooding, pressure drop and mass transfer parameters. In contrast to the bulk cells, phase

inversion is neglected for the calculation of the flooding point in the wall region, since observations

of the flow at the column wall have shown that the liquid almost completely flows within the wall

film and the gas is maintained as the continuous phase until flooding is reached. 

The effective interfacial  area  aeff in  the wall  cells  is  approximated the mass transfer area of  the

packing  and  the  area  of  the  wall  according  to  equation  (15),  because  it  is  expected  that  both

interfacial areas are present in the wall region. The specific interfacial area at the wall (aeff a∙ -1)wall can

have values ≤ 1, which considers incomplete wetting of the wall at low liquid loads. For complete

wetting,  the  interfacial  area  of  the  wall  is  limited  to  a  value  of  1.  The  wetting  of  the  wall  is

approximated by the ratio of the wall-specific liquid load and the critical load of 0.5 – 1.5 m3m-1h-1,

which according to Kraume36 is associated with complete wetting. For this work, a critical wall-load of

0.5 m3m-1h-1 is in good agreement for the film flow observed in the used PVC column. In case of a

wetted wall, it can be assumed that the packing inside the wall cells is also wetted. Therefore, the

effective phase interface (aeff a∙ -1)Billet & Schultes in the wall cells is also included. Due to equation (14), this

leads to an effective phase interface larger than a (or aeff a∙ -1  > 1). For a partially wetted wall below

the critical wall-load of 0.5 m³m-1h-1, the wall cell region is also assumed to be only partially wetted.

Thus, the interfacial area of the packing  (aeff a∙ -1)Billet  &  Schultes is scaled with the effective area at the

column wall (aeff a∙ -1)wall.

aeff
a

=[1+( aeffa )
Billet∧Schultes

](aeffa )
Wall

(15)

A comprehensive visualization of the applied correlations for bulk and wall cells is shown in Figure 4.
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Figure 4: Fluid dynamic and mass transfer correlations applied for bulk and wall cells

3.3 Dynamic flow in packed beds

The dynamic of  the flow within the packed bed is  modeled with an adaption of  Torricelli’s’  law

according to equation (16). For the local liquid loads, hold-ups, loading and flooding conditions it was

found that the initially chosen dynamic expression given by equation (17) leads to fluctuations. These

can be attributed to differences in the potential hold-ups HL,cell,pot
 between bulk and wall cells for non-

uniform initial liquid distributions. HL,cell,pot is the calculated hold-up by the Billet & Schultes correlation

for the local liquid and gas loads present. HL,cell is the actual cell hold-up that consequently changes

due to the local loads until it approaches HL,cell,pot.

V̇ out−V̇ ¿=H L ,cell Acell√2g
HL ,cell

a
−H L, cell , pot Acell√2g

HL ,cell , pot

a
(16)

V̇ out=√
H L, cell

H L,cell , pot

V̇ L,∈¿ ¿
(17)

The outflow of each cell is defined as a function of the liquid hold-up and the axial cell area, which

represents the free flow cross-section of the liquid. The expression corresponding to the liquid height

in Torricelli’s law below the square root is chosen in dependence of the hold-up HL and the specific

packing surface a. The reciprocal of the specific packing area a was chosen as the liquid height in the

cells, because with an increase in the specific surface area of the packing, the hold-up is distributed
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more evenly on the packed bed surface. This leads to thinner films and thus to a reduction of the

flow velocity over the packing surface.

4. Model parametrization

The  model  is  parameterized  by  fitting  the  distribution  parameters  kwall and  kbulk to  normalized

experimental data obtained with a wire-mesh sensor by van Holt8 in a column of D = 0.288 m inner

diameter.  The  data  were  re-evaluated  to  obtain  signal  profiles  across  the  cross-section  of  the

column. Water-air experiments were performed with continuous sodium chloride tracer injection in

the center of a packed bed with a height of H =0.5 m and on the column wall at a packed bed height

of H =1.5 m. The wire-mesh sensor was operated in conductance mode directly below the packing.

The profiles were obtained during stationary operation of the packed column. A detailed description

of the experimental setup is given by van Holt8.
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4.1 Wire-mesh sensor signal

As the wire-mesh sensor does not measure common variables such as concentration or volume flow

rates, the sensor signal was recreated within the model to allow parameter determination using the

experimental signals. In analogy to a conductivity cell, the sensor-signal (analog digital converter) is

dependent on the conductance and therefore on the concentration c and the area Aflow of the liquid

flow. Latter can be described as a function of the volume flow rate V̇  and the average velocity uof

the liquid  flowing through the sensor.  Due to the differences in velocity of  the film flow at the

column wall and the free-falling droplets below the packing in the center of the column, wall and

bulk signals cannot be compared to each other by means of concentration or volume flow rate only.

While a constant signal is obtained at the wall due to the continuous film flow, the droplets in the

bulk of the column fall through the sensor at a higher average velocity creating a discrete signal. The

average velocity of the liquid at the wall is approximated with the film thickness for a given wall flow

rate using the Nusselt-film-theory. The velocity of the droplets in the bulk was calculated as a free-

falling sphere with air  resistance. The required droplet diameter was determined experimentally.

Therefore, the number of drops and the corresponding total volume was measured for about 100 s

at different bed positions. The diameter was found to be between 6.1 and 6.7 mm with a mean

droplet diameter of 6.44 mm. These results are in good agreement with the maximum droplet size of

6.65 mm as predicted by Maćkowiak37. 

signal=f (c ∙ A flow )=f (c ∙ V̇ ∙u−1 ) (18)

Another factor to consider when calculating the sensor-signal is the signal loss due to the spherical

shape of the droplets. While the film at the column wall is completely detected, the spherical shape

of  the  droplet  leads  to  a  time  dependent  conductance  signal.  Therefore,  calculations  for  the

conductance signal of a falling sphere with the determined mean droplet size were performed. The

conductance signal was calculated from the time-dependent, mean cross-sectional area of the drop,

the given distance between the wire layers of the wire mesh sensor of 3 mm and the possible spatial

drop positions. It was found that droplets passing the sensor result in an average of 51.7 % of the
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signal that a film with the same volume and concentration would cause. The simulated sensor-signals

for the bulk were additionally reduced by this factor. The final signals for bulk and wall  cells are

calculated according to equation (19) and (20), where HL,wall is calculated by the film thickness δ. 

bulk signal=0.517 ∙ cbulk ∙ V̇ bulk ∙ubulk
−1 (19)

wall signal=cwall ∙ V̇ wall ∙ uwall
−1

=cwall ∙ V̇ wall ∙uL, wall
−1 ∙ H L, wall

(20)

4.2 Parametrization and parameter scale-up procedure

The parametrization and scale-up of  the model are done in the five steps visualized in Figure 5.

Parameters  are  fitted  for  a  column  with  constant  cell  number  of  32  radial  rings,  8  tangential

segmentations and 20 axial cell layers.

First,  the  parameter  kbulk is  determined  from  liquid  spreading  experiments  with  central  tracer

injection (Step 1). This is done by fitting the measured distribution profiles below a packed bed of 0.5

m height as shown in Figure 6 A. The height of 0.5 m was chosen to ensure that no tracer reached the

column wall. Thus, the spreading is not influenced by the wall and kbulk is independent of kwall. Before

fitting kwall to match the experimental data of the wall tracer injection experiments, the parameter

kbulk was adjusted to the packed height of 1.5 m (Step 2). Since the cell number is kept constant, this

step is required to compensate for the change in distribution due to the changing cell size. Therefore,

kbulk is adjusted to ensure that the concentration profiles at a certain axial cross-section within the

packed bed are identical. In step 3,  kwall is determined from the distribution profiles of the tracer

injected  at  the  column wall  (Figure  6  B).  In  contrast  to  kbulk,  the  determination of  kwall strongly

depends on the bulk distribution parameter kbulk. 

16



Figure 5: Schematic parameter scaling procedure for column scale-up

Step 4 describes the scale-up of the column height, which is identical to step 2 for kbulk. In analogy to

kbulk, kwall must also be adjusted with the change of the cell height. This is realized by ensuring that the

wall flow remains identical after a certain packed height H, regardless of the cell height. Finally, in

step 5, the scale-up of the column diameter is presented. As in steps 2 and 4, kbulk is adapted to the

concentration profile at a certain packed height. Since the wall flow depends on the flow towards the

wall, determined by kbulk, and the flow away from the wall, determined by kwall, a change in kbulk due to

a  different  cell  geometry  also  requires  an  adjustment  of  kwall.  It  follows  from  the  distribution

mechanism  that  the  formation  of  the  wall  film  is  expected  to  be  independent  of  the  column

diameter, and thus the volumetric flow per wall circumference can be approximated as constant.

This is achieved by a simple ratio scaling of the distribution parameters according to equation (21).

kwall(D=X )=
kbulk (D=X )

kbulk (D=0.288 )

kwall (D=0.288)
(21)
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Figure  6:  Typical  normalized  experimental  cumulative  sensor-signal  profiles  and  model  fit  at

uL = 40 m3 m-2h-1 and FV = 0.99 Pa0.5 for A) central tracer injection and B) wall tracer injection 

The resulting distribution parameters for bulk and wall  at their specific experimental packed bed

height are shown in Figure 7. Due to the independence of the liquid flow from the gas flow below the

loading point, a constant profile is observed. On the other hand, above the loading point an increase

of both distribution parameters is found due to rising interactions between gas and liquid flow. For

the bulk distribution, an increase of  kbulk results in a wider spreading of the tracer.  A higher  kwall

reduces the liquid flow at the wall and therefore the fraction of the signal at the column wall, since

more liquid is exchanged from the wall to the bulk of the column. Both parameters are independent

of the liquid load within a range of 20 %, which is consistent with literature19,38–40.

The observed distribution behavior was found to show a similar dependence from the gas load as

usually  observed for the hold-up.  Based on this,  kbulk and  kwall were correlated with the gas load

according to the approach applied by Billet and Schultes35 for the liquid hold-up given by equation

(22) and (23). The correlated parameters agree with the experimental parameters within a range of

20 %. The deviations for kbulk, which also influence kwall, can be attributed to the experimental profiles

along the column radius, which sometimes show deviations from the normal distribution due to local

flow phenomena such as liquid channeling. 

k bulk (FV ∙ FV ,Fl
−1 )=k bulk , FV<F V ,S

+(kbulk , F V ,Fl−kbulk , F V<F V ,S
)(
FV
FV , Fl )

13

(22)
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k wall (FV ∙FV , Fl
−1 )=k wall, F V<FV , S+(kwall , FV ,Fl−k wall ,F V<F V ,S

)(
FV
FV , Fl )

13

(23)

Figure 7: Model distribution parameters determined from the experimental data for A) bulk and B)

wall tracer injection

5.Model validation and simulation-based packed column design

Simulations for model validation and scale-up performance were conducted with the experimentally

determined  parameters  from  4.2,  which  were  scaled  to  the  simulated  geometries  using  the

procedure  presented  in  4.1.  Simulation  results  are  compared  with  the  correlation  of  Billet  and

Schultes35 and with experimental data of the fluid dynamics, liquid distribution and mass transfer

measurements. The experiments were conducted in a column with an inner diameter of D = 0.288 m

and a packed bed height H = 1.5 m according to VDI 2761/27. All experiments were performed with

water and air. The liquid-side mass transfer was measured by CO 2 desorption. The combined gas and

liquid-side mass transfer was determined by ammonia absorption.  The scale-up capability  of  the

model approach is validated with literature data for the Pall Ring 25 M at different column diameters

and heights. Where applicable, the liquid distributor inlet profile was applied for all simulations. The

physical properties used for correlation and simulations are listed in Table 1. 
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Table 1: Physical properties in this work at T = 290.15 K

Property Value Reference

ρL kg m-3 998.78 41

ηL Pa s 1.08 10-3 41

σL kg s-2 0.07319 41

DL (CO2) m2 s-1 1.59 10-9 42

DL (NH3) m2 s-1 1.72 10-9 1

ML kg mol-1 0.018 43

ρG kg m-3 1.192 43

ηG Pa s 1.79 10-5 41

DG (CO2) m2 s-1 1.58 10-5 44

DG (NH3) m2 s-1 2.38 10-5 1

MG kg mol-1 0.02895 43

myx
 (CO2) mol m-3 (mol m-3)-1 1346.77 45

myx
 (NH3) mol m-3 (mol m-3)-1 0.6378 45

5.1 Fluid dynamics

The simulated, correlated, and measured hold-up profiles are compared in Figure 8 for a liquid load

of uL = 20 m3 m-2h-1 and uL = 40 m3 m-2h-1. Compared to the hold-up, predicted by the correlation, the

simulated profile is significantly lower for both liquid loads, because with increasing wall flow, bulk

flow, and thus liquid hold-up decreases. Therefore, the integral hold-up predicted by the correlation

is higher than the simulated. In addition, the increase of liquid hold-up, starting from the loading

point, is less sharp compared to the correlation. This effect can be related to the lower bulk hold-up

and the way the gas distribution is modeled. A higher local hold-up increases the flow resistance for

the gas, which would result in a higher cell pressure drop considering the case that the gas is not

distributed. Since it was assumed that the local cell pressure drop is equal across the whole cell layer,

the gas flow is distributed to cells with a lower pressure drop. This leads to lower local gas loads in

cells with higher liquid hold-up and therefore a delay in reaching the loading condition.

In comparison to the experimental results, the simulated hold-ups correspond well to each other.

The mean relative deviation between simulation and experiment is below 8 % for all liquid loads. The
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presented model is therefore able to describe local hold-ups for the investigated Pall Ring 25 M very

well, while the Billet and Schultes correlation itself shows higher deviations. This indicates that the

correlation might be adapted to experimental data obtained from larger column diameters, where

wall flow has less influence on the integral values. Nevertheless, these results show how significant

the influence of maldistribution on packing characteristics can be, even at the scale of a pilot plant.

The correlations usually assume liquid plug flow and neglect distribution influence.

The specific pressure  drop profiles  in  Figure 9 are obtained in the same way as the hold-up for

correlation, simulation, and experiments. Due to maldistribution, the pressure drop is lower for the

simulation when compared to the correlation. The agreement between simulation and experiments

is good below the loading point with a relative mean deviation of 6 %. This is expected due to the

strong dependence of  the pressure drop on the hold-up. However,  above the loading point,  the

simulated profile starts to deviate with increasing gas loads up to an error of 56 % for u L = 40 m3 m-2h-

1 at the flooding point. This indicates that gas maldistribution can be described quite well by the

chosen approach below the loading point, but above the loading point a more precise local pressure

drop  calculation  is  required.  The  deviation  might  be  attributed  to  the  empirical  nature  of  the

pressure drop correlation of Billet and Schultes above the loading point. Nevertheless, it was found

that the simulated pressure drops are still in reasonably good agreement to the experimental data,

especially when the influence of liquid maldistribution must be considered. It is known that liquid

maldistribution  reduces  the  pressure  drop.  However,  this  effect  has  to  be  evaluated  with

experiments  at  different  packed  bed  heights  and  diameters,  if  not  modeled.  Therefore,  the

presented model is a useful tool to estimate the influence of maldistribution on the pressure drop.
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Figure 8: Comparison of liquid hold-ups for simulation, correlation, and experiment

Figure 9: Comparison of pressure drops for simulation, correlation, and experiment at H = 1.5 m for

A) uL = 20 m3 m-2h-1 and B) uL = 40 m3 m-2h-1

5.2 Liquid distribution and scale-up

The ability of the model to predict the liquid distribution in packed columns will  be validated for

different column diameters using experimental data of van Holt8, Kouri and Sohlo33 and Sun et al.46.
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The applied distribution parameters for different column diameters and packed bed heights are listed

in Table 2. 

Table 2: Distribution parameters determined in this work for different diameters and packed bed

heights

Diameter D Packed bed height H kbulk(FV < FV,S) kwall(FV < FV,S) kbulk(FV,Fl) kwall(FV,Fl)

0.288 m 1.5 m 0.4014 0.0846 0.5441 0.2171

0.288 m 2 m 0.4138 0.0901 0.5600 0.2284

0.5 m 2 m 0.2918 0.0622 0.4230 0.1726

0.5 m 3 m 0.3004 0.0648

0.6 m 3 m 0.2565 0.0544

As shown in Figure 10 for a column diameter of 0.288 m, the measured and simulated wall  flow

fractions are in good agreement. 30 % wall flow already occurs after a length of 0.5 m. Then the

increase in wall flow is less rapid up to a packed bed height of 1.5 m. The model therefore not only

agrees with the amount of wall flow at a certain height, but also with the development of the wall

flow along the height of the packed bed. Although there is some scatter in the experimental results,

the simulated wall flow is independent of the liquid load. As mentioned in section 4.2, this in good

agreement with general observations from literature. The wall flow development shown in Figure 11

was also found to be valid with the experimental data of the Pall Ring 25 P of Kouri and Sohlo 33 for

different packed heights, gas loads and a liquid load of uL = 18 m3 m-2h-1. 
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Figure 10: Comparison of simulated and experimental wall flow by van Holt8 in a packed column of

D = 0.288 m

Figure 11 also shows the influence of the liquid distributor profile at the top of the column. For a

liquid  distributor  similar  to  Kouri  and  Sohlo  with  382  irrigation  points  per  square  meter,  the

development of liquid wall flow is smaller at lower packed bed heights. This can be explained by the

fact that liquid drip points are evenly distributed within the column and usually not located directly

at the column wall. For a homogenous distribution profile, the liquid is uniformly distributed in all

cells, including the wall cells. This results in a higher initial liquid wall flow than with a real distributor.

Above the loading point, the increase of kwall is relatively higher than the one for kbulk. Therefore, the

liquid wall flow fraction drops with rising gas loads. This is in good agreement with the experimental

results in Figure 11 B. 
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Figure  11:  Comparison  simulated  and  experimental  wall  flow by  Kouri  &  Sohlo33 in  a  scaled-up

column of D = 0.5 m and uL = 18 m3 m-2h-1

Figure  12  shows  the  validation  of  the  simulated  liquid  distribution  profiles  at  different  column

diameters,  heights,  and  liquid  inlet  distributions.  All  profiles  are  in  good  agreement  with  the

literature for a uniform liquid inlet distribution over the whole cross section of the column (Figure 12,

A, C,  D).  In addition, the model is  still  in  good agreement with literature data for a given initial

maldistribution for a liquid inlet covering 64 % of the cross-sectional area in the center of the column

(B). It can be concluded that the model can be successfully applied for scale-up, in addition to fluid

dynamics  and liquid  distribution simulations.  This  provides  the necessary basis  for  mass transfer

simulations.

Figure 12: Simulated and experimental local flow profiles for A) complete cross-sectional liquid feed
of uL = 18 m3 m-2h-1 with a distributor (382 drip points)33, B) homogenous liquid feed of uL = 18 m3 m-

2h-1 for  64  %  of  the  column  (centered  liquid  feed)33,  C)  &  D)  homogenous  liquid  feed  of
uL = 17 m3 m-2h-1 across the complete column cross section46

5.3 Mass transfer
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Figure 13 A shows the influence of simulated maldistribution on HTUOL compared to the predicted

HTUOL according to Billet & Schultes35.  For  uL = 10 m3 m-2h-1 the simulated HTUOL are significantly

higher,  which  indicates  a  lower  mass  transfer  due  to  maldistribution.  Moreover,  the  distance

between  the  correlated  HTUOL at  different  liquid  loads  is  larger  than  the  simulated  HTUOL.  This

indicates that the loss of separation efficiency in the simulation is much less than predicted by the

correlation.  The  reason  for  this  behavior  can  be  found  by  comparing  wall  and  bulk  flow.  The

maldistribution accounts for about 31 % of the total liquid flow at the packed bed height of H = 1.5

m. Thus, the liquid load in the bulk is lower than the average load, while there is a strong increase in

liquid load close to the column wall. 

According to literature35, the liquid side limited HTUOL is reduced with decreasing liquid load, which

refers to a better overall mass transfer. This results from a reduced mass transfer coefficient due to

lower liquid loads, but an increased residence time on the other hand. The same can be observed in

the column bulk. The local liquid load decreases due to wall flow, while the overall mass transfer

increases due to residence time. The opposite effect is observed in the wall region. While the local

mass transfer coefficients are significantly higher due to the increased liquid load, the residence time

decreases. Again, the residence time dominates the overall mass transfer and mass transfer at the

column wall decreases strongly. With a higher overall mass transfer for the column bulk and a lower

mass transfer at the column wall, the increase in HTUOL with increasing liquid load predicted by the

model is lower than the correlated one. It should be mentioned here that the HTU OL of the Billet and

Schultes  correlation  and  the  simulation  are  the  same  for  plug  flow  without  phase  mixing  and

constant liquid and gas loads over the column cross section. 
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Figure 13:  Comparison of liquid and gas side HTU between A) simulation and correlation for CO2

desorption, B) simulation and experimental data for CO2 desorption and C) simulation, correlation,

and experiment for NH3 absorption

These results  are  confirmed by  the experimental  data  measured  by  CO2 desorption for  the Pall

Ring 25 M, as presented in Figure 13 B. the simulated HTUOL are in excellent agreement with the

experimental. It can be concluded that the correlation of Billet and Schultes can be applied for local

mass transfer coefficients within the model without further adjustments. On the other hand, the

integral mass transfer parameters in Figure 13 A as predicted by the Billet and Schultes model do not

agree well with the experimental results of this work in  Figure 13 B, which could be subject of future

investigations.  The  differences  between  experiment  and  correlation  are  most  likely  a  result  of

different  experimental  conditions,  which  in  this  work  are  based  on  the  standardized  procedure

according to the VDI 2761/27.
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The  overall  gas  side  HTUOV determined  by  NH3 absorption are  given  in  Figure  13  C.  Again,  the

comparison of the simulation with the Billet and Schultes correlation shows the expected decrease in

mass transfer due to maldistribution. In contrast to the liquid side mass transfer, the distance of

steps  for  the  gas  side  HTUOV with  increasing  liquid  load  are  almost  constant  for  simulation and

correlation.  On the one hand, the decrease in liquid  load in the bulk of  the column induced by

maldistribution reduces the effective phase interface and thus the gas-side mass transfer coefficients.

On the other hand, the increase in mass transfer due to higher liquid loads at the column wall is less

relevant  due  to  the  reduced  residence  time.  Therefore,  the  influence  of  maldistribution  on  the

overall  gas  side  limited  mass  transfer  is  more pronounced  than  on  the  liquid  side  limited mass

transfer.

For the HTUOV, neither the Billet and Schultes model nor the simulations are in good agreement with

the experimental results. This could also be attributed to some extent to the different standards for

measurements  today  and  in  the  past.  However,  Hoffmann  et  al.47 also  found  large  deviations

between the correlation and own measurements with results that are close to the one obtained in

this work. At this point, further clarification seems necessary. Nevertheless, the slopes of simulation,

correlation and measurement below the loading point are in qualitatively good agreement. Above

the loading point, the Billet and Schultes model predicts a strong increase in mass transfer, which

was not observed in the experiments. Therefore, the Billet and Schultes model equations need an

adjustment for the application as local correlations. In case of the Pall Ring 25 M, the local mass

transfer coefficients would be increased by a factor of 3.45 to fit the experimental data below the

loading  point.  This  indicates,  that  especially  for  gas  side  mass  transfer  coefficient βGaeff,  the

correlation underestimates the local mass transfer that is present in the bulk of the laboratory or

pilot column. Consequently, this would lead to an overdesign of an industrial size column.

6. Conclusion

Gas and liquid phase maldistribution are a problem not only for industrial sized columns, but also

during the characterization of fluid dynamics and mass transfer coefficients, which are then used for
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the design of industrial sized columns. A comprehensive model-based design and scale-up approach

was developed that allows evaluation of  the maldistribution effects  on fluid  dynamics and mass

transfer at constant computational effort. For the first time, fluid distribution, gas distribution, fluid

dynamics and rate-based mass transfer calculations were combined in a single model approach.

The presented cell model approach enables a local evaluation of fluid dynamics, mass transfer and

phase distribution according to the chosen cell discretization. This work focuses on the description of

the differences  between wall  and bulk  cells.  While  fluid  dynamics  and rate-based mass  transfer

calculations are based on a common literature correlation, the liquid distribution parameters for wall

and bulk are determined experimentally.  The distribution parameters fitted to experimental data

obtained by a wire-mesh sensor were proved to be independent of the liquid load and, below the

loading  point,  of  the  gas  load.  The  adaptation  of  the  model  parameters  is  not  only  limited  to

measurements with a wire-mesh sensor as used in this work, but can also be determined e.g., via

spreading  parameters  and  wall  flows  documented  in  the  literature  or  experimental  flow

measurements. The gas distribution is modeled based on local pressure drop compensation in each

cell layer. No solution of the momentum conservation equations is necessary. 

The model-based column scale-up is possible by adapting the distribution coefficients to different

column geometries, without increasing the cell number or discretization steps. Thus, computational

effort  for  all  column diameters  and heights  remains  constant,  allowing a calculation of  different

operating conditions and geometries within a few seconds, but on the cost of spatial resolution.

However,  the  latter  is  often  of  secondary  importance,  especially  in  the  case  of  a  large-scale

maldistribution. A general procedure for the adjustment of the distribution parameters to different

column geometries is presented and was determined to be applicable for different column diameters

and packed bed heights. The adaptability of the computing power thus enables easy integration of

the  model  into  flowsheeting  programs,  without  influencing  overall  speed  of  the  simulation

significantly.
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The model was found to be in excellent agreement with literature and experimental data for fluid

dynamics  and  liquid  distribution.  Therefore,  the  model  proved  to  be  applicable  to  describe  the

influence of maldistribution on hold-up and pressure-drop calculations as well as local liquid loads.

Based on this, investigations were carried out on the influence of maldistribution on mass transfer.

Simulations showed the expected decrease of mass transfer due to maldistribution compared to the

Billet and Schultes mass transfer correlation. Furthermore, the experimental HTUOL
 agree well with

the simulated ones, while the correlation neglects certain effects due to liquid maldistribution. Gas

side  mass  transfer  was  found  to  be  significantly  lower  compared  to  the  experimental  results.

Therefore, further investigations are necessary with the aim to find new correlations for local mass

transfer  or  modifications  for  current  literature  correlations  to  describe  local  mass  transfer

parameters, especially gas side parameters, with higher accuracy. Conversely, the presented model

could  be  used  to  determine  local  mass  transfer  parameters  based  on  experimental  results  or

literature correlations by adjusting the packing-specific correlation constants in such a way that the

simulations fit the experimental or correlated results. 
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Notation

A m2 Area

a m2 m-3 Specific packing surface

c mol m-3 Concentration

Di m2 s-1 Diffusion coefficient

D m Column diameter

FV Pa0,5 Gas capacity factor

Ġ m3 h-1 Gas flow

H m Packed bed height

HG m3 m-3 Gas hold-up

HL m3 m-3 Liquid hold-up

k - Distribution coefficient

kOLa mol m-3s-1 Overall liquid side mass transfer coefficient

M kg mol-1 Molar mass

myx mol m-3 (mol m-3)-1 Slope of the equilibrium line

ṅ mol h-1 Molar flow

∆p Pa Pressure drop

r m Radial coordinate

R m Radius

signal - Wire-mesh sensor signal

uL m3 m2h-1 Liquid load

u m s-1 Mean film velocity

V m3 Volume

V̇  m3 h-1 Volume flow 

x mol mol-1 Liquid molar fraction

y mol mol-1 Gas molar fraction

z m Axial packed bed position 
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Greek letters

β m s-1 Mass transfer coefficient

δ m Film thickness

η Pa s Dynamic viscosity

ρ kg m-3 Density

Subscripts

bulk Column bulk

cell Index for cell

down Axial flow downward 

eff Effective interphase

Fl Flooding point

flow Cross sectional flow area

flux Molar flux across the phase interface

G Gas

gas Gas distribution coefficient 

i Counting index

in Flow into a cell or packing element

j Area index for the jth cell side area

L Liquid

Layer Index for cell-layer

local Local liquid load

OG Overall gas side

OL Overall liquid side

out Outflow from a cell or packing element

packing
Reference  to  the  flow  from  one  packing
element

pot Potential hold-up

S Loading point

side Lateral flow through a cell side

wall Column wall
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Abbreviations

HTU Height of transfer unit

M Metal

NTU Number of transfer unit

P Plastic
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