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Abstract

The recent revolution in shale gas has presented opportunities for distributed manufacturing of key commodity chemicals,

such as methanol, from methane. However, the conventional methane-to-methanol process is energy intensive which negatively

affects the profitability and sustainability. We report an intensified process configuration that is both economically attractive

and environmentally sustainable. This flowsheet is systematically discovered using the building block-based representation

and optimization methodology. The new process configuration utilizes membrane-assisted reactive separations and can have as

much as 190% higher total annual profit compared to a conventional configuration. Additionally, it has 57% less CO2-equivalent

greenhouse gas (GHG) emission. Such drastic improvement highlights the advantages of building block-based computer-aided

process intensification method.
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1 Introduction

Natural gas is the cleanest fossil fuel with abundant reserves to sustain as a primary feedstock

for the chemical industry. Methane is the predominant chemical species in natural gas. The

availability of shale gas, which is also a form of natural gas found in shale formation,1

presents many opportunities to the petrochemicals, chemicals, and fuel industries2. While

the economically recoverable natural gas reservoirs started to show a declining trend,3 and at

the same time, consumption of natural gas started to increase, the emergence of horizontal

drilling and hydraulic fracturing has helped shale gas extraction possible and profitable. As

a result, the yearly average production of natural gas has increased 4% annually from 2005

to 2015. It was expected to have a 7% annual growth from 2018 to 2020.4 It is estimated

that almost 50% of the dry gas production will come from shale gas by 2040,5 which will

increase up to 90% in 20504.

Although the shale gas production has increased in recent years, lack of midstream

infrastructure impedes the exploitation of shale gas resources in remote areas.6 Much of

the natural gas produced at small quantities or remote locations is flared, leading to waste

of resources and increase in greenhouse gas (GHG) emission to the environment. According

to the Energy Information Administration, the vented and flared natural gas increased by

225% between 2010 and 2019.7 To this end, modular technologies are identified to have great

potentials in the monetization of such unconventional resources.8

Methanol is one of the products that can be synthesized from shale-based natural gas. It

has varied uses in a “Methanol Economy”, where methanol is considered the main source for

energy.9 Methanol is a well-known energy carrier and it has better energy storage ability than

hydrogen. Additionally, it can be used as an intermediate for several important chemicals

(see Figure 1).10 Global methanol demand in 2010 was 49 million metric tons (MT), which

increased to 80 million MT in 2016.11 The demand for 2021 is predicted to be 110.2 million

MT12. The global demand for methanol is expected to grow steadily with an annual growth

rate of 5.5%.13

Direct conversion of natural gas to chemical can be challenging as it requires different

reaction conditions for breaking the C-H bond and forming new bonds to produce the

end products.14 Natural gas is often used to generate syngas, which is a predominant

mixture of CO and H2. Reforming is the most widely used technology to produce

syngas at industrial scale.15 Several technologies are available, namely steam methane

reforming16, partial oxidation (POX)17, dry reforming18, auto thermal reforming19, and

combined reforming20. The selection of appropriate reforming path for syngas generation

depends on the final products, energy requirement, availability of reforming agents, and
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CO2 reduction and waste treatment targets. While many works are available for finding

the appropriate reforming routes15,21–24, few others addressed designing small-scale modular

processes25–27. Natural-gas-to-methanol process is one of the largest energy consumers

in the chemical industry.28,29 The large energy consumption affects the profitability and

sustainability. Additionally, the process is thermodynamically limited and the methanol yield

of a conventional reactor is low.30 To make the methanol synthesis process more economically

attractive for small scale manufacturing, novel design solutions are needed. To improve

the energy efficiency, process integration strategies can be considered.31,32 However, they

alone cannot suggest novel design solutions. To this end, process intensification is a holistic

approach that seeks novel designs with significant improvements in processing volume, energy

efficiency, environmental impact, and economics, among others.33 Several intensified reactor

designs have been proposed in the literature to improve the methanol yield. They include

membrane reactor34,35 and sorption-enhanced reaction processes.36

Figure 1: Natural gas conversion to chemicals and fuels via methanol.

In this work, we employ the building block37 method for the synthesis of intensified

methanol production process. In this method, various chemical and physical phenomena such

as vapor-liquid equilibrium, gas permeation, reaction, etc., are represented using abstract

building blocks to automatically generate and screen novel designs without pre-postulation

of any candidate designs beforehand. The remainder of the article is organized as follows:

In Section 2, we present a brief description of the conventional methanol process using a

base-case design. In Section 3, we discuss the building block-based approach for process

synthesis and intensification. Specifically, we describe the representation methodology,

mathematical model, objective functions, and profitability and sustainability metrics. In

Section 4, we present and discuss the details of a novel intensified process flowsheet. In

Section 5, we provide some concluding remarks a brief summary of the findings.
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2 Preliminary Conceptual Design

Figure 2: Conventional methanol process flowsheet.

A conventional natural gas to methanol process is shown in Figure 2. In this conceptual base

design, POX is selected to produce syngas with a H2:CO ratio closer to 2:1, which is suitable

for methanol synthesis.38 POX is an exothermic reaction where methane reacts with oxygen

at adiabatic condition. The overall POX can be represented by the following four reactions:

CH4 + 2O2 → CO2 + 2H2O, ∆H0
298 = −802.62 kJ/mol, (P1)

CH4 + H2O 
 CO + 3H2, ∆H0
298 = +205.81 kJ/mol, (P2)

CO + H2O 
 CO2 + H2, ∆H0
298 = −41.16 kJ/mol, (P3)

CH4 + 2H2O 
 CO2 + 4H2, ∆H0
298 = +164.6 kJ/mol. (P4)

We assume that pure oxygen and pipeline quality natural gas (99.9% CH4 and 0.1% H2)

are available at 300 K and 26 bar. The raw materials are heated to 773 K before they

enter the POX reactor. The POX reactor is filled with Ni-Al2O3 catalyst, and operates

adiabatically at 20 bar. Due to the exothermic nature of the POX reaction, the reactor

temperature can rise up to 1573 K. The raw syngas from the POX reactor is compressed

to 39 bar and then cooled to 313 K before sending it to a vapor-liquid equilibrium (VLE)

separator, VLE-1, where liquids (mostly water) are separated from the syngas.
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In reality, the syngas that is produced by POX has a ratio around 1.8. To adjust the

syngas ratio and make it suitable for methanol synthesis, water gas shift (WGS) reactor is

added to the process. In this reactor, carbon monoxide reacts with steam at 39 bar and

generates more hydrogen which increases the overall syngas ratio close to 2.0:

CO + H2O 
 CO2 + H2, ∆H0
298 = −41.1 kJ/mol. (W)

As the WGS reactor operates between 453 K−573 K the raw syngas from the VLE-1

separator is heated before entering the WGS reactor. Steam at 373 K and 1 bar is also fed

to the WGS reactor. The product syngas from the WGS reactor is cooled to 313 K and sent

to a second VLE separator (VLE-2) to remove excess water. To remove any small amount

of CO2 that may be present in the syngas, a membrane separator is used. The retentate side

of the membrane is maintained at 39 bar and 313 K, whereas the permeate side is kept at

atmospheric condition. After the membrane separator, the clean syngas is compressed and

sent to the methanol synthesis (MeOH) reactor where the following reactions take place over

Cu−ZnO−Al2O3 catalyst:

CO + 2H2 
 CH3OH, ∆H0
298 = −90.70 kJ/mol, (M1)

CO2 + 3H2 
 CH3OH + H2O, ∆H0
298 = −49.43 kJ/mol, (M2)

CO2 + H2 
 CO + H2O, ∆H0
298 = +41.19 kJ/mol. (M3)

Here, M1 and M2 are hydrogenation reactions that convert CO and CO2 to CH3OH. M3

is the reverse water-gas shift (RWGS) reaction. As the methanol synthesis reactions are

favored at high pressures and low temperatures, the MeOH reactor is operated at 75 bar and

453−543 K. The MeOH reactor products are cooled and sent to a flash separator, VLE-3,

that separates the unconverted reactants from the produced methanol. As the single pass

conversion of the MeOH reactor is low, 95% of the unconverted reactants are recycled back

to the MeOH reactor. The liquid product that leaves the VLE-3 contains 90% methanol.

To increase the purity of the product, further purification is required. However, as VLE-3

operates at a higher pressure (33 bar), significant amount of gases remain dissolved in liquid

that leaves the separator. Thus, the liquids are flashed to 1 bar at VLE-4. After that, the

liquids from VLE-4 are sent to a distillation column with 48 stages, which operates at 1 bar.

The feed to the distillation column enters at 38th stage. The distillate is the final product,

which as a methanol purity of 99.5%. The detailed reaction kinetics for all three reactions

are presented in the Supporting Information (Section S6).39–41
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3 Process Synthesis Methodology

3.1 Building Block Representation

Building block is a novel representation method proposed by Hasan and co-workers.37,42,43 It

is based on abstract building blocks concept where each block is considered as a finite volume

that can represent various fundamental phenomena common to chemical process industry

(CPI). Because of this phenomena scale representation, building block can generate novel

designs without any postulation of candidate designs beforehand. For this reason, building

block-based approach has been implemented to several design and synthesis problems

recently.44–48

Each building block has two design elements−the block interior and the surrounding

four boundaries (Figure 3a(i)). Block interior can either be empty or filled with functional

elements such as catalyst or adsorbent. Temperature, pressure, and species compositions

are the major attributes of each block. Based on these attributes and the thermodynamic

properties of involved species, the phase of a block is determined. Multiphase systems, such

as VLE, are represented using multiple blocks. Material and energy can transfer between

adjacent blocks through interblock streams. Additionally, external feed streams can be

introduced to and product streams can be taken out from each block which enable the

interaction with the outside of the overall system. Energy can also be supplied to and taken

out from each block by external utility.

The interaction between adjacent blocks are described by the common boundaries in

between. Depending on the types of flow across the boundary, block boundaries can be

of three types: (i) unrestricted, (ii) semi-restricted, and (iii) completely restricted (Figure

3a(ii)). An unrestricted boundary indicates that the flow through the boundary is not

subjected to any kind of restriction and does not affect the stream compositions. A

semi-restricted boundary changes the stream composition from the source block composition.

This type of boundary indicates the presence of a mass transfer interceptor, for example,

e.g., a barrier material such as a membrane. A semi-restricted boundary may also represent

the interface of a multiphase system. Lastly, a completely restricted boundary prohibits any

flow through the boundary often representing the wall of an equipment.

Combining these features of block internal and boundaries in various manners, many

physicochemical phenomena can be modeled (Figure 3b). Complete mixing and splitting

of same-phase streams are modeled with single blocks with multiple inlets and outlets.

Heating and cooling are represented through heaters and coolers located at the unrestricted

block boundaries. Similarly, pressure change is represented by pressure manipulators (e.g.,
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compressors, turbines, pumps, and JT valves) positioned at unrestricted block boundaries.

Chemical reactions take place inside a block when the block interior is filled with catalysts.

Separation phenomena are represented by two blocks sharing a common semi-restricted

boundary. For example, vapor-liquid phase contact is depicted in Figure 3b(vi). Here, the left

block is in liquid phase and the right block is in vapor phase. The semi-restricted boundary

separating the two blocks mimics the phase contact and the interblock flow through the phase

boundary is governed by phase equilibrium. Similarly, when the semi-restricted boundary is

assigned with a membrane material, we mimic all types of membrane operations including gas

permeation (Figure 3b(vii)), pervaporation (Figure 3b(viii)), and liquid permeation (Figure

3b(ix)). Mass transfer through the semi-restricted boundaries are determined by imposing

appropriate governing laws (e.g., Fick’s law or Darcy’s law).

By combining these phenomena representation blocks, we can create or mimic many unit

operations. A few examples are shown in Figure 3c. When a single block is used to represent

the reaction phenomena, it represents a continuous stirred tank reactor (CSTR). However, to

capture the behaviour of a conventional plug flow reactor (PFR), we need multiple catalyst

carrying blocks positioned in series (Figure 3c(i)). Similarly, to represent a membrane reactor

we need two rows of blocks separated by a common membrane material. Figure 3c(ii) depicts

one such membrane reactor where the blocks in the second row (yellow blocks) represent the

reactor side and the blocks in the first row (white blocks) represent the permeate side. VLE

separators and membrane separators each require two blocks, as shown in Figures 3c(iii)

and 3c(iv), respectively. To represent a distillation column, multiple block pairs in series are

required. Each of the block pairs must have a common semi-restricted boundary to represent

the VLE phase contact. When several blocks are arranged in a two-dimensional grid, we

get a process superstructure with all plausible equipment and their connectivities, which can

used to generate numerous intensified and nonintensified process flowsheets.

The applicability and rigorousness of building block representation can be illustrated

using an n-CSTRs in series model for packed bed reactors. As we use more blocks, we capture

the phenomena behavior more accurately. To illustrate, we have simulated a number of

reactors using the building block and a commercial process simulator Aspen Plus. Namely,

we use single block, 3 blocks and 10 blocks in series to represent the reactor. Figure 4a

represents CH4 conversion for different amounts of the catalyst. The blue line represents

the conversion of a single block, while the yellow line represents the conversion of a CSTR

simulated in Aspen Plus. As these two lines are overlapping, we can safely claim that a single

building block is able to replicate a CSTR. The top red line represents the conversion of a

PFR simulated in Aspen Plus. As shown in Figure 4a, with the increasing number of reactor

building blocks, the conversion of a PFR approaches to that of the Aspen Plus-based PFR.
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Figure 3: Building block-based representation of chemical processes. (a) Each building
block allows material & energy flows through any of the four boundaries. Neighbouring
blocks can have one of the three types of common block boundaries. (b) Many fundamental
physicochemical phenomena can be represented by using different numbers of blocks. (c)
By arranging several phenomena representing blocks, different types of unit operations are
obtained. (d) A collection of building blocks depicted here represents the conventional
methanol process.
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As a PFR can be exactly represented using infinite number of CSTR arranged in series, if

large number of blocks are used, the building block conversion eventually matches the Aspen

Plus conversion. However, this makes the model computationally more time-intensive.

Figure 4: Deciding on optimal number of blocks for PFRs considering POX as an example:
(a) CH4 conversion results obtained from Aspen Plus and building block representation; and
(b) relative gaps between the Aspen Plus and the building block-based simulation results
and simulation times needed by the building block model for n-block-CSTR.

Figure 4b shows the relative accuracy gaps between the Aspen Plus & the building

block-based PFR simulation and the required simulation times (in seconds) for each

n-block-CSTR. With the increasing number of blocks, the relative gap reduces and the

building block-based model prediction becomes more accurate. However, the simulation time

also increases significantly. For instance, when 30 blocks are used for PFR representation,

the simulation accuracy is >99%, but the required simulation time is in the order of minutes.

Upon considering the tread-offs between model accuracy and size, we decide to use 10

blocks for PFR representation as both the accuracy and simulation time are reasonable.

We performed the similar studies and found that 10 blocks are sufficient to represent the

WGS and MeOH reactors as well (see Section S5 in the Supporting Information for more

details).

The building block superstructure and the associated model described above is applicable

to general process synthesis problems. However, one would benefit from tailoring it to specific

case where the phenomena are known. The conceptual base design of methanol process can

be represented as shown in Figure 3d. Here, we considered two separate superstructures.

In the first superstructure (Figure 3d(i)), we stack 70 blocks in 5 rows and 14 columns and

it captures the process up VLE-3. Let Bi,j denote the block in row i and column j. B1,1

is the feed block, where both natural gas and oxygen are introduced. The POX reactor

is positioned using ten blocks in series between B1,2 to B1,11 (light green blocks). The first
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VLE separator (VLE-1) is represented by blocks B1,13 and B1,14 (light blue blocks), where the

thick vertical blue line between the blocks represents the vapor-liquid interface. As syngas

enters VLE-1 in vapor phase, we fix the phase of block B1,13 to vapor and block B1,14 to

liquid. Steam for WGS reaction enters the process at block B2,14, where it is compressed

and heated to the temperature and pressure of WGS reactor. The steam along with the

syngas from VLE-1 enters the WGS reactor at block B2,11, which is a PFR represented

by ten blocks positioned from block B2,11 to block B2,2 (light yellow blocks). VLE-2 is

represented by block B3,1 (vapor phase) and block B4,1 (liquid phase). The vapor stream

leaving the VLE-2 enters the CO2 separator at block B3,5. The CO2 separator is presented

by six blocks, block B3,3 to block B3,5 and block B4,3 to block B4,5 (golden blocks). Here,

the blocks B3,3 to B3,5 represent the retentate side, the blocks B4,3 to B4,5 represent the

permeate side, and the green thick horizontal line represents the membrane material. The

flow direction in the permeate side is considered to be counter-current. The permeate (CO2

stream) leaves the process as waste from block B4,3. The MeOH reactor is represented by

the orange blocks (B3,9–B3,14, B4,13, B4,14, B5,13, and B4,14). VLE-3 is represented by blocks

B5,9 (vapor phase) and B5,10 (liquid phase). Liquid methanol leaves from block B5,10 as a

crude product, whereas the vapor stream leaves VLE-3 from block B5,9. The purge stream

is taken out from block B5,8 and the remaining unreacted reactants are recycled back to

the MeOH reactor using the recycle blocks (B5,7, B5,6 and B4,6). The heat exchanger in

the recycle line is modeled by allowing heat exchange between block B5,6 and block B4,11.

Here, block B5,6 represents the hot side of the heat exchanger, that discards heat and block

B4,11 depicts the cold side, that receives the discarded heat. Details of this heat exchanger

model can be found in the Supporting Information (see Section S3). VLE-4 and distillation

column is modelled in a 50×4 superstructure shown in Figure 3d(ii). Here, the liquid crude

methanol product that leaves the first superstructure from block B5,10 enters as fed at block

B1,4. The VLE-4 is presented by blocks B2,4 and B2,3, where the phase of the first block

is liquid and the later one is vapor. The gases from the VLE-4 leaves from block B2,3 as

purge. The liquid from block B2,4 leaves as jump outlet (black downward arrow) and enters

to the distillation column at block B39,2 as jump inlet (purple downward arrow). The 48

stage distillation column along with the condenser and re-boiler is represented by 50 block

pairs of first (j = 1) and second columns (j = 2). Here, all the blocks in the first column are

in vapor phase and the blocks in the second column is in liquid phase. The block pair in first

row (i.e., B1,1 and B1,2) represents the total condenser. The distillate leaves the distillation

column from block B1,2. The partial re-boiler is located at the 50th row from where the

bottom product is taken out.

Eventually, the generic representation using building blocks would allow us to construct
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a general process superstructure with all plausible alternative flowsheet configurations

embedded within using a collection of blocks arranged in a two-dimensional grid.

3.2 Model Formulation

We now describe a model that describes the overall process superstructure. Every block

in the superstructure is designated as Bi,j where, i ∈ I = {1, ..., |I |} is the row number

and j ∈ J = {1, ..., |J |} is the column number. Temperature, pressure, and composition of

chemical at each block are expressed as Ti,j, Pi,j, and yi,j,k, respectively. Fi,j,k and Ri,j,k define

flow rates of component k that enters block Bi,j from the horizontal and vertical direction,

respectively. Mi,j,k,f and Ni,j,k,p defines the component flow rates to and from block Bi,j in

feed stream f and in product stream p, respectively. Gi,j,k defines the generation and/or

consumption of component k due to chemical reactions in block Bi,j. Additionally, to increase

the connectivity between nonadjacent blocks, we allow “jump flows”, Ji,j,i′,j′,k where the flow

direction of component k is from block Bi,j to block Bi′,j′ .

The model is formulated based on several sets. The set K = {k|k = 1, ..., |K|} represents

the set of chemical components, F = {f |f = 1, ..., |F |} denotes the set of available raw

materials, and P = {p|p = 1, ..., |P |} denotes the set of specified products. The set of

chemical reactions is R = {r|r = 1, ..., |R|}. We also define C = {c|c = 1, ..., |C|} as the set

of available catalysts. The set of separation phenomena is denoted by S = {s|s = 1, ..., |S |}
and the set of enabling materials is represented by M = {m|m = 1, ..., |M|}. The original

building block-based model37 was formulated as a mixed-integer nonlinear program (MINLP)

with several disjunctions used for deciding the position of the active phenomena, block

phase, flow direction, etc. In this work, to reduce the computational burden, we replace the

disjunctive terms by subsets to fix flow directions, block phases, and phenomena. However,

binary variables are still in use to decide whether the allowed phenomena are active or not.

The general equations are summarized as follows:

Fi,j−1,k +Ri−1,j,k − Fi,j,k −Ri,j,k +
∑
f∈F

Mi,j,k,f −
∑
p∈P

Ni,j,k,p +
∑

(i′,j′)∈Link

Ji′,j′,i,j,k

−
∑

(i′,j′)∈Link

Ji,j,i′,j′,k = 0, (i, j) ∈ ActB/RxnB, k ∈ K,
(1)

Fi,j−1,k +Ri−1,j,k−Fi,j,k−Ri,j,k +Gi,j,k +
∑

(i′,j′)∈Link

Ji′,j′,i,j,k = 0, (i, j) ∈ RxnB, k ∈ K, (2)

Gi,j,k = f rxn(Ti,j, Pi,j, yi,j,k, k
0
r , E

A
r , Vi,j,c, τr, z

rxn
i,j,c), (i, j) ∈ RxnB, k ∈ K, (3)
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Fi,j,k = FPi,j,k − FNi,j,k, i, j ∈ ActF, k ∈ K,
Ri,j,k = RPi,j,k −RNi,j,k, (i, j) ∈ ActR, k ∈ K,

(4)

ymin,prod
k,p

∑
k′∈K

Ni,j,k′,p ≤ Ni,j,k,p, i ∈ I , j ∈ J , (k, p) ∈ KP, (5)

FPi,j,k = yi,j,k
∑
k′∈K

FPi,j,k′ , (i, j) ∈ UnFP, k ∈ K,

FNi,j,k = yi,j+1,k

∑
k′∈K

FNi,j,k′ , (i, j) ∈ UnFN, k ∈ K,

RPi,j,k = yi,j,k
∑
k′∈K

RPi,j,k′ , (i, j) ∈ UnRP, k ∈ K,

RNi,j,k = yi−1,j,k

∑
k′∈K

RNi,j,k′ , (i, j) ∈ UnRN, k ∈ K,

(6)

Ni,j,k,p = yi,j,k
∑
k′∈K

Ni,j,k′,p, (i, j, p) ∈ ProdB, k ∈ K, (7)

Ji,j,i′,j′,k = yi,j,k
∑
k′∈K

Ji,j,i′,j′,k′ , (i, j, i′, j′) ∈ Link, k ∈ K, (8)

∑
k∈K

yi,j,k = 1, (i, j) ∈ ActB, (9)

yi,j,k = Keq
i,j,k,s,m(Ti,j, Pi,j, yi,j,k, yi,j+1,k)yi,j+1,k, (i, j) ∈ V LEF, k ∈ K, (s,m) ∈ Equil, (10a)

yi,j,k = Keq
i,j,k,s,m(Ti,j, Pi,j, yi,j,k, yi,j−1,k)yi,j−1,k, (i, j) ∈ V LEF, k ∈ K, (s,m) ∈ Equil, (10b)

yi,j,k = Keq
i,j,k,s,m(Ti,j, Pi,j, yi,j,k, yi+1,j,k)yi+1,j,k, (i, j) ∈ V LER, k ∈ K, (s,m) ∈ Equil, (11a)

yi,j,k = Keq
i,j,k,s,m(Ti,j, Pi,j, yi,j,k, yi−1,j,k)yi−1,j,k, (i, j) ∈ V LER, k ∈ K, (s,m) ∈ Equil, (11b)

Pi,j ≥ P bub
i,j , i, j ∈ LB; Pi,j ≤ P dew

i,j , (i, j) ∈ V Bchk, (12)

Ri,j,k = σk,s,m

(√
Pi,jyi,j,k −

√
Pi+1,jyi+1,j,k

)
Ai,j,s,m, (i, j) ∈MemB, k ∈ K, (s,m) ∈ R1,

(13)

Ri,j,k = λk,s,m (Pi,jyi,j,k − Pi+1,jyi+1,j,k)Ai,j,s,m, (i, j) ∈MemB, k ∈ K, (s,m) ∈ R2, (14)

Ai,j,s,m ≤ Amax
m zsRi,j,s,m, (i, j) ∈MemB, (s,m) ∈ Rate, (15)
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EFi,j−1 + ERi−1,j − EFi,j − ERi,j + EJf
i,j − EJ

p
i,j + EMi,j − ENi,j

+W comp
i,j −W exp

i,j +Qh
i,j −Qc

i,j = 0, (i, j) ∈ ActB/RxnB,
(16)

EFi,j−1 +ERi−1,j−EFi,j−ERi,j +EJf
i,j +EGi,j +W comp

i,j −W exp
i,j = 0, (i, j) ∈ POX, (17)

EFi,j−1 + ERi−1,j − EFi,j − ERi,j + EGi,j +W comp
i,j −W exp

i,j

+Qh
i,j −Qc

i,j = 0, (i, j) ∈ WGS ∪MeOH,
(18)

Qh
i,j = qhexi′,j′,i,j(q

hex,UP
i′,j′,i,j , z

hex
i′,j′,i,j), (i′j′, i, j) ∈ Hx, (i, j) ∈ CB,

Qc
i,j = qhexi,j,i′,j′(q

hex,UP
i,j,i′,j′ , z

hex
i,j,i′,j′), (i, j, i′, j′) ∈ Hx, (i, j) ∈ HB,

(19)

g(Ti,j, Pi,j, Vi,j,c, Ai,j,s,m, z
rxn
i,j,c, z

sR
i,j,s,m) ≤ 0. (20)

Eq. 1 represents the material balance for non-reactive blocks, whereas Eq. 2 represents

the material balance for reactive blocks. ActB designates the set of active blocks within

the superstructure. RxnB is a subset of ActB and refers to the reactor blocks. Segregation

of the pre-specified reactive blocks from the non-reactive blocks significantly reduces the

model complexity. Eq. 3 describes the consumption/generation of components (Gi,j,k)

due to chemical reactions from block temperature; pressure; component composition;

pre-exponential factor (k0
r), activation energy (EA

r ), effectiveness factor (τr) of reaction r; and

amount (Vi,j,c) of catalyst c. Here, binary variable zrxni,j,c indicates the presence of catalyst c in

block Bi,j. Flow rates in the horizontal and vertical directions are calculated by Eq. 4, where

sets ActF and ActR designate the blocks where these equations are active. Eq. 5 ensures

the specified minimum purity of component k in product stream p given by ymin,prod
k,p . The

compositions of all the streams that are leaving from a block through unrestricted boundaries

have to be equal to the compositions of the source block. This constraint is imposed by Eq.

6. Here, UnFP is the set of blocks where positive horizontal flow, FPi,j,k, is allowed. On

the other hand, blocks with negative horizontal flow, FNi,j,k, are designated by the set

UnFN . Similarly, UnRP and UnRN are the set of blocks where vertical flows are allowed

in positive (RPi,j,k) and negative (RNi,j,k) directions, respectively. Eqs. 7 and 8 ensure

similar constraints for products and jump outlet streams. Here, ProdB is the set of blocks

from where product p leaves the superstructure. The set Link allows the jump flows between

blocksBi,j andBi′,j′ . Eq. 9 ensures that the summation of component mole fractions in active

blocks is equal to one. The VLE compositions of each block separated by a semi-restricted

boundary are determined by Eqs. 10–11. Here, Keq
i,j,k,s,m is the phase equilibrium constant.

When the vapor block is positioned at the left hand side and the liquid block is located at the
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right hand side of a semi-restricted boundary, Eq. 10a is used to estimate the compositions

of these horizontal block pairs. When the block phase are interchanged, Eq. 10b is used.

Similarly, Eqs. 11a–b, calculate the equilibrium composition of the vertical block pairs. The

sets V LEF and V LER denote the blocks where these equilibrium relations are allowed. Eq.

12 determines the phase of a block based on the bubble and dew pressures, where LB and V B

denote the set of liquid and vapor blocks, respectively. The set V Bchk is a subset of V B where

the phase check is performed. Two different rate-based models for membrane separation are

presented in Eqs. 13 and 14, where R1 and R2 are the sets of separation-material (s,m) pairs

that are compatible. Here, membrane-based separation is only allowed between vertical block

pairs (i.e., Bi,j and Bi+1,j). Eq. 13 determines the flow rate Ri,j,k through the membrane

from the permeation flux (σk,s,m(
√
Pi,jyi,j,k −

√
Pi+1,jyi+1,j,k)) and membrane surface area

(Ai,j,s,m). Here, σk,s,m is the linear slope used for determining the permeation flux. On the

other hand, in Eq. 14, membrane permeance (λk,s,m) is used to estimate the flow across the

membrane. In Eq. 15, Amax
m is the maximum allowable membrane area in each block and

zsRi,j,s,m is a binary variable. When zsRi,j,s,m equals to 1, membrane m is allowed to be present at

block Bi,j. Set Rate is the union set of R1 and R2, i.e., Rate = R1∪R2. Energy balance for

non-reactive blocks are presented in Eq. 16. Eq. 17 presents the energy balance constraints

for the POX reactor blocks where external heating (Qh
i,j) or cooling (Qc

i,j) is not allowed as

the reactor operates at adiabatic condition. Energy balances for the WGS and MeOH reactor

blocks are presented in Eq. 18. Here, POX, WGS, and MeOH are the subsets of RxnB.

In the energy balance equations, EFi,j, ERi,j, EJ
f
i,j, EJ

p
i,j, EMi,j, ENi,j, EGi,j stands for

enthalpies of horizontal, vertical, jump inlet, jump outlet, feed, product streams and energy

consumed or generated due to chemical reactions, respectively. W comp
i,j and W exp

i,j denotes the

compression and expansion work that is added or taken out from block Bi,j, respectively.

Eq. 19 represents the heat integration model. When the binary variable zhexi,j,i′,j′ equals to 1,

heat is allowed to transfer from a hot block Bi,j to a cold block Bi′,j′ , where qhexi,j,i′,j′ is the

heat transfer amount. Sets HB and CB denotes the position of these hot and cold blocks

within the superstructure and set Hxi,j,i′,j′ allows the heat transfer between selected block

pairs. The detailed formulation of the heat integration model is provided in Section S3 of

the Supporting Information.

The model includes several process and equipment specific constraints which are denoted

by Eq. 20 using a general expression g(Ti,j, Pi,j, Vi,j,c, Ai,j,s,m, z
rxn
i,j,c, z

sR
i,j,s,m) ≤ 0. Detailed

formulation of these constraints can be found in the Section S2 of Supporting Information

(Eqs. S7–S13, S21–S26) along with the detailed explanations and formulation of the overall

model. Additionally, the definition of sets, indices, variables, and parameters are listed in

Section S1 of the Supporting Information.

14



3.3 Design Objectives

3.3.1 Economic Metrics

The economic objective function involves the maximization of the total annual profit (TAP)

of the methanol production process. With this, the overall process synthesis is formulated

as the following optimization problem:

max TAP = AI − TAC (21)

s.t. Eqs. 1−18

TAC = AOC + AIC (22)

AI = topt
∑

(i,j,p)∈ProdB

∑
k∈K

SPk,pNi,j,k,p (23)

AOC = topt ×

( ∑
(i,j,f)∈FeedB

UCf
∑
k∈K

Mi,j,k,f +
UCelec

ηc

∑
(i,j)∈ActB

W comp
i,j

+ UCcu
∑

(i,j)∈ActB\HB

Qc
i,j + UChu

∑
(i,j)∈ActB\CB

Qh
i,j

) (24)

AIC = CRF × FCI + AMC (25)

CRF =
i× (1 + i)N

(1 + i)N − 1
W (26)

FCI =
∑
e∈E

TICe (27)

TICe = Ce

(
Se

Sref
e

)ne

(28)

The TAP is obtained after subtracting the total annual cost (TAC) from the annual

income, AI (Eq. 21). The TAC is the summation of the annual operating cost (AOC) and

the annualized investment cost (AIC) and is estimated by Eq. 22. Eq. 23 calculates

the AI from the sales of methanol. Here, topt represents the yearly operating time in

seconds considering 330 days of annual operation. AOC in Eq. 24 is computed as the

summation of the raw material cost (first term), the electricity consumption cost to operate

the rotating equipment (second term), and the cold and hot utility costs (third and fourth
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terms, respectively). FeedB is the set of blocks where feed stream f is introduced. UCf ,

UCelec, UCcu, UChu are the unit costs of the fresh raw materials, electricity, cold and

hot utility, respectively and SPk,p is the sales price of methanol. The cost of natural

gas, oxygen, and steam are taken as $2.8/kmol, $3.5/kmol, $0.09/kmol, respectively. Cold

and hot utilities and electricity prices are considered to be $1.9/GJ, $3.8/GJ, and $14/GJ,

respectively. Finally, the selling price of 99.5% pure methanol is assumed to be $400/ton. All

of these values are taken from Alsuhaibani et al.49 Eq. 25 calculates the AIC from the fixed

capital investment (FCI) and the annual maintenance cost (AMC). The capital recovery

factor, CRF , is calculated by Eq. 26, where i is the interest rate and N is the duration of the

economic analysis (in years).50 The AMC is considered to be 5% of FCI. Eq. 27 estimates

the FCI by summing the total installed cost (TICe) of each equipment e. The equipment

set E includes, reactor, compressor, heater, cooler, heat exchanger, VLE separator, and

distillation column. TICe is calculated from Eq. 28, where Ce is the reference installation

cost, ne is the scaling factor, Sref
e is the reference size, and Se is the scaling parameter

for equipment e. The values of these cost parameters are tabulated in Table 1. Detailed

formulation of these cost functions are presented in Section S9 of the Supporting Information.

The TIC of a membrane reactor is considered as a weighted sum of the reactor and the

membrane costs, TICmembrane reactor = ωreactor × TICreactor + ωmembrane × TICmembrane.

Here, ωreactor and ωmembrane are the weight factors. In this study, we consider both ωreactor

and ωmembrane to be one.

Table 1: Capital cost parameters and scaling factors.

Equipment
Reference installation

cost Ce (MM$)
Scaling factor

ne

Reference size
Sref
e

Scaling parameter
Se

Reference
year

POX reactor49 67.24 0.67 15199 Flow rate (MSCFH) 2009

WGS reactor51 7.29 0.67 150 Feed flow rate (kg s−1) 2016

MeOH reactor52 19.05 0.6 87.5 Feed flow rate (kg s−1) 2006

VLE separator52 2.86×10−3 0.8 1 Feed flow rate (kg s−1) 2000

Heater, cooler,
and heat exchanger52 69.02 1 355 Heat duty (MW) 2007

Compressor52 24.52 0.67 10 Power requirement (MW) 2006

CO2 membrane separator53 5×10−5 1 1 Membrane area (m2) 2008

POX membrane54 0.13 1 560 Membrane area (m2) -

MeOH membrane55 8×10−4 1 1 Membrane area (m2) 2001

Distillation column54 1.15 0.53 100 Height × diameter1.5 (m2.5) -

Distillation trays54 6.3×10−3 0.8 2.13 Diameter (m) -

To assess the profitability of the process, we also compute the return on investment

(ROI) as follows:
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ROI =
(AI − AOC − depreciation)× (1− θ) + depreciation

TCI
(29)

We have adopted a 10-year linear depreciation scheme with a salvage value equal to

10% of the FCI. Additionally, the tax rate (θ) is assumed to be 30%. The total capital

investment (TCI) is the summation of the FCI and the working capital investment (WCI),

and we have considered WCI to be 15% of the TCI.

3.3.2 Sustainability Metrics

The methanol synthesis process has several indirect and direct sources of CO2 emission.

The sustainability of the process can be assessed by calculating the CO2-equivalent GHG

emissions by the following equation:

eCO2 =
αelec

ηc

∑
(i,j)∈ActB

W comp
i,j + αfuel

∑
(i,j)∈ActB/CB

Qh
i,j +

∑
(i,j,f)∈FeedB

∑
k∈K

αfeed
f Mi,j,k,f

+
∑

(i,j,p)∈ProdB

Ni,j,k=CO2,p

(30)

Here, the first term designates the indirect CO2-equivalent emission from electricity

consumption and αelec is the CO2 emission in terms of kg per MJ electricity. The second term

estimates the indirect CO2-equivalent emission from burning fuels to supply the hot utilities.

The CO2 emission per unit hot utility is designated by αfuel. The third term calculates the

indirect CO2-equivalent emission from pre-processing the raw materials, which includes the

processing of shale gas to produce pipeline quality natural gas and cryogenic separation of

air to produce pure oxygen. αfeed
f stands for the CO2 emission per unit amount of consumed

raw material, f . The fourth term calculates the direct CO2 emission from all products.

3.4 Methanol Process Synthesis Specification

To incorporate process intensification and heat integration, we consider two superstructures.

The 7×20 superstructure of Figure 5a produces crude methanol (90–95% pure). In this case,

the POX and the MeOH reactors can either be conventional reactors or membrane reactors.

POX reactor blocks are located in the superstructure from block B3,5 to block B3,14 and from

block B2,5 to block B2,14, where the blocks in the third row (i = 3) represents the reactor side

and the blocks in the second row (i = 2) represents potential the shell side of the reactor.

Apart from the natural gas and oxygen, air and steam can also be used as feed in the POX

reactor, which enter the superstructure in blocks B3,1, B1,1, B2,1, and B4,1, respectively.

Additionally, heat integration is allowed between these feed streams and the POX reactor
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Figure 5: Building block superstructure considered for intensified methanol process
synthesis.

outlet stream (see Section S4 in the Supporting Information). The WGS reactor is positioned

from block B4,20 to block B4,11 and the CO2 separator blocks are represented by the six golden

blocks (B5,5 to B5,3 and B6,5 to B6,3). The MeOH membrane reactor is represented by block

B5,8 to block B5,17 (reactor side) and block B6,8 to block B6,17 (permeate side). To enhance

the separation, air can be used as a sweep gas, which enters at block B6,17. The VLE

separators are denoted by the light blue blocks. An additional VLE separator (represented

by block B1,8 and block B1,9) is considered to separate methanol from the sweep air, from

the permeate side of the MeOH membrane reactor. Jump flows are allowed for selected block

pairs (please see Section S4 in the Supporting Information for more details). For instance,

stream can leave block B3,20 through a jump outlet (black downward arrow) and can enter

to block B4,10 by a jump inlet (purple downward arrow). This jump connection can acts as

a bypass for the WGS reactor. The selection of semi-restricted boundaries are modeled as

discrete decisions (see Section S1 in the Supporting Information). For producing 99.5% pure

methanol by distillation, a 50×4 superstructure is considered, similar to the superstructure

discussed in Section 3.1 (Figure 5b). Here, the two crude methanol products of the first

superstructure, Crude-1 and Crude-2 enters as a feed in block B1,3 and B1,4, respectively.

Blocks B3,3 and B3,4 depicts the low pressure VLE separator that separates the gases. The
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liquid from this VLE separator can enter any stages of the distillation column as a jump

inlet. Additionally, the number of trays in the distillation column is also a decision variable.

The appropriate number of tray is find by varying the number of trays between 15 to 50.

Our goal is to design a process with a utilization capacity of 214.5 mol/s of natural

gas. Oxygen, steam, and air are available at a maximum flow rate of 285 mol/s, 120

mol/s, and 1200 mol/s, respectively. However, the selection of the optimal flow rate of

these raw materials is a decision variable. Natural gas and oxygen are available at 300

K and 26 bar. Steam is also available at 373 K and 1 bar. Air is available at atmospheric

condition (300 K and 1 bar). The temperature and pressure of the entire process are bounded

between 300–1573 K and 1–77 bar, respectively. The POX reactor must operate between

773–1573 K and 20–40 bar. The WGS reactor temperature is bounded between 453–573

K. The operating temperature of the MeOH reactor must be in between 543 and 453 K,

respectively. Additionally, the pressure of this reactor can vary between 40 and 77 bar. The

POX membrane has a maximum allowable temperature of 1173 K.56 For the CO2 membrane,

the maximum temperature is 313 K.57 The MeOH membrane has a maximum allowable

temperature of 543 k. For the POX membrane, the retentate and the permeate blocks

should select equal pressures. For the CO2 membrane, the maximum pressure difference

across the membrane is considered to be 10 bar. However, for the MeOH membrane, no

constraint on pressure difference across membrane is applied. In other word, the permeate

side pressure can be the lowest allowable pressure of 1 bar, whereas the retentate side can

be at 77 bar (upper bound of the pressure). Each of the POX blocks can contain at most

705 kg of catalyst. For WGS and MeOH reactor blocks, this upper limit is 1000 kg and

1504 kg, respectively. The maximum amount of catalyst that each of the POX and the

MeOH reactor blocks can accommodate is estimated based on a previous study.48 The

maximum membrane surface area for the POX membrane, the CO2 membrane, and the

MeOH membrane are 94.25 m2/block, 100 m2/block, and 163.35 m2/block, respectively.

These maximum membrane surface areas for membranes are estimated based on the reactor

geometry. The membrane permeance data56–58 are provided in the Supporting Information.

The cold utility is considered to be available at 298 K which can reduce the temperature

of any stream up to 300 K. Similarly, it is considered that the hot utility can increase the

temperature of any stream up to 773 K. However, the temperature of a block can rise above

773 K when exothermic reactions are involved or when the block exchanges heat with another

block. For instance, the temperature in the POX reactor blocks can go beyond 773 K due

to the exothermic reactions. Similarly, the feed blocks can have temperature above 773 K

as these blocks can exchange heat with reactor outlet blocks. To restrict unreasonably high

recycle flow rates, we impose, recycle ratio ≤ 3.76,59 where recycle ratio is the ratio between
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the recycle flow rates to the fresh syngas flow rates. While estimating the CRF , the interest

rate is assumed to be 10% and the economic analysis is performed for 20 years. Generally, the

life time of a shale gas well varies between 3 to 5 years. However, we consider that the small

scale modular process is easily transportable to other locations of shale wells once one shale

wells is depleted. We have not considered any additional cost for dismantling, transporting,

and remounting the modular plant. All costs are converted to 2020 values by using the

chemical engineering plant cost index (CEPCI). CEPCI for 2020 is taken as 66860 whereas

CEPCI of the earlier years are obtained from http://www.chemengonline.com/pci. We also

assumed αelec to be 0.217 kg CO2-eqv/MJ electricity23, αfuel to be 0.039 kg CO2-eqv/MJ hot

utility61, αfeed
NG to be 0.002 kg CO2-eqv/mol CH4

62, and αfeed
O2

to be 0.005 kg CO2-eqv/mol

O2, considering 200 kWh energy consumption for producing each ton of O2.63

We specify the following sets when optimizing the base design with 5×14 blocks:

k ∈ K = {CH4, O2, H2, CO,CO2, H2O,CH3OH}, f ∈ F = {NG,Oxy, Steam}, p ∈ P =

{Crude,Gas-1, Liquid, Purge}, s ∈ S = {V LPC,GP}, m ∈M = {V LI, CM}, r ∈ R =

{P1, P2, P3, P4,W,M1,M2}, and c ∈ C = {POX,WGS,MeOH}. Here, N2 is not included

in the chemical component set K, as air is not a raw material. Product Gas-1 represents the

outlet of the CO2 separator and Crude represents the crude liquid methanol that leaves the

VLE-3. The separation phenomena V LPC and GP stand for vapor-liquid phase contact and

gas permeation, respectively. In the separation material setM, V LI stands for vapor-liquid

interface and CM denotes the CO2 membrane. The 50×4 superstructure for the base design

has the following sets: k ∈ K = {CH4, O2, H2, CO,CO2, H2O,CH3OH}, f ∈ F = {Crude},
p ∈ P = {Product,Water, Purge}, s ∈ S = {V LPC}, m ∈ M = {V LI}, r ∈ R = {},
and c ∈ C = {}. As no reactions are allowed, the sets of reactions, R and catalysts, C are

empty. Additionally, as membrane-based separations are not present, separation phenomena

set, S , only includes V LPC and separation material set, M only contains V LI. The 7×20

superstructure for intensified process synthesis, on the other hand, has the following sets:

k ∈ K = {CH4, O2, N2, H2, CO,CO2, H2O,CH3OH}, f ∈ F = {NG,Oxy, Steam,Air},
p ∈ P = {Crude-1, Crude-2, Gas-1, Gas-2, Liquid, Purge}, s ∈ S = {V LPC,GP},
m ∈ M = {V LI, CM,PM,MM}, r ∈ R = {P1, P2, P3, P4,W,M1,M2}, and

c ∈ C = {POX,WGS,MeOH}. Here, the products Crude-1, Crude-2, and Gas-2

denotes the main product of the MeOH reactor (from block B5,20), permeate side product

(from block B1,8), and air outlet from the POX reactor (from block B2,14), respectively.

Additionally, enabling materiel PM and MM stands for the POX membrane and the

MeOH membrane. The following sets are included in the 50×4 superstructure: k ∈
K = {CH4, O2, H2, CO,CO2, H2O,CH3OH}, f ∈ F = {Crude-1, Crude-2}, p ∈ P =

{Product,Water, Purge}, s ∈ S = {V LPC}, m ∈ M = {V LI}, r ∈ R = null, and
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c ∈ C = null. The minimum purity requirement of methanol in the final product is 99.5%

(ymin,prod
k=CH3OH,p=Product ≥ 0.995).

4 Results and Discussion

4.1 Base Case Optimization

As a first step to establish the base case, we perform a technoeconomic evaluation of

the the conventional design described in Section 2. We perform process simulation while

allowing the temperatures of the reactors to vary within allowable temperature ranges.

Additionally, we pre-specify the operating temperatures and pressures as well as the binary

variables denoting the positions of all fixed phenomena and equipment. This reduces the

building block-base model to a non-linear program (NLP). The 5×14 block-based model has

1891 variables, 2576 equations, and 5617 nonlinear terms, when the distillation column is

optimized separately. We use a 50×4 model with 3245 variables, 6306 equations, and 15100

nonlinear terms to represent the distillation column alone. We solved the models in GAMS

28.2 environment using ANTIGONE v28.2.0.64 The estimated TAP of the conventional

process is 11.8 MM$/yr. The annual methanol production rate is 164750 ton/yr, which

is equivalent to an annual income of 65.9 MM$/yr. The annulaized operating cost (AOC)

and the fixed captial investment (FCI) are found to be 40.6 MM$/yr and 80.5 MM$/yr,

respectively. Additionally, the annual return on investment (ROI) is 18.2%/yr. and the

annual CO2-equivalent emission is 155.3 kt CO2/yr. (see Table 2 for details).

Figure 6: An Optimized but non-intensified, conventional methanol synthesis process
flowsheet.
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While optimizing the conventional design, we allow the temperatures and pressures of

all blocks in the superstructure to vary. The 5×14 model is solved in 3544 CPU seconds in

ANTIGONE v28.2.0. The distillation column model (50×4 superstructure) is solved with

tray numbers varying between 15 to 50. The model with 46 trays in the distillation column

is solved in 374 CPU seconds. The overall process after optimization (Figure 6) can yield a

total annual profit (TAP) of 22.9 MM$/yr. There are two main reasons behind this increase

in the TAP. Firstly, the methanol yield has increased by 4%, because of reduced purging and

increased recycle. Secondly, the compression work has deceased significantly, which decreases

the compressor capital cost and the electricity cost by by 57% and 71%, respectively. As

VLE-3 operates at the same pressure as the MeOH reactor, no additional compressor is

needed in the recycle loop. Additionally, as the block pressures are allowed to vary, instead

of a single compressor, multiple compressors with inter-coolers are selected. This reduces

the energy consumption of the compressor operation. The ROI is increased by 80% and the

annual emission is also reduced to 89 kt CO2/yr.

4.2 Intensified Process Synthesis

The optimization of the conventional design shows that it is possible to improve the process

profitability and sustainability. Thus, a 7×20 superstructure is used which considers all

possibilities of process integration and intensification. As the 7×20 model is significantly

large, to obtain a good initial solution, the model is warm started with solution obtained

from the base case optimization. Once the initial solution is obtained, we step-by-step free

the ranges of variables to allow more alternatives and activate design constraints. In the

final optimization run, all the variable bounds and design constraints are enforced. To

ensure realistic design, we impose several additional constraints. For instance, the inlet

CO2 composition in MeOH reactor is now allowed to vary between 3–10% to ensure the

Cu-ZnO-Al2O3 catalyst activity.65 Even though the ideal syngas ratio is 2 for methanol

synthesis, the actual molar ratio is dictated by the stoichiometric number, SN = (H2 -

CO2)/(CO + CO2),66 which considers the presence of CO2 in the syngas as it also consumes

H2 by the RWGS reaction (Eq. M3). Therefore, to ensure the presence of excess H2 for

converting all CO and CO2 in the MeOH reactor, we impose H2 ≥ 2×CO + 3×CO2 at the

MeOH reactor inlet. The 7×20 superstructure model consists of 4467 continuous variables,

58 binary variables, 6501 equations, and 14232 nonlinear terms. We solve the model using

ANTIGONE v28.2.0 in 10,074 CPU seconds and the 50×4 model of the distillation column

in 2014 CPU seconds. The TAP of the intensified process is 34.4 MM$/yr and the obtained

process flowsheet is presented in Figure 7. A detailed comparison of the costs between the
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Table 2: Economics and sustainability of the process flowsheets.

Flowsheets
Conventional

design
Optimized

design
Novel intensified

design

AI (MM$/yr) 65.9 68.6 75.6

AOC (MM$/yr) 40.6 36.0 30.7

Natural gas (MM$/yr) 16.9 16.9 16.9

Oxygen (MM$/yr) 12.7 12.5 8.4

Steam (MM$/yr) 0.04 0.01 0.1

Hot utility (MM$/yr) 2.4 2.1 1.4

Cold utility (MM$/yr) 3.5 3.0 2.2

Electricity (MM$/yr) 5.1 1.5 1.7

FCI (MM$) 80.5 58.4 63.0

POX reactor (MM$) 20.1 20.0 20.9

POX membrane (MM$) - - 0.1

WGS reactor (MM$) 1.2 1.2 -

MeOH reactor (MM$) 7.6 7.2 10.4

MeOH membrane (MM$) - - 0.2

VLE separators (MM$) 0.09 0.09 0.1

Coolers (MM$) 9.2 6.9 3.0

Heaters (MM$) 2.6 2.1 -

Heat exchangers (MM$) 0.6 0.5 6.1

Compressors (MM$) 33.3 14.5 16.1

CO2 separator (MM$) 0.02 0.02 -

Distillation column (MM$) 5.8 5.9 6.1

Annualized FCI (MM$/yr) 9.5 6.8 7.4

AMC (MM$/yr.) 4.0 2.9 3.1

TAC (MM$/yr) 54.1 45.7 41.2

TAP (MM$/yr) 11.8 22.9 34.4

ROI (%/yr) 18.2 32.8 42.0

eCO2 (kt CO2/yr) 155.3 89.0 66.7

three design variants, namely the conventional design (Figure 2), optimized design (Figure

6) and the novel intensified design (Figure 7), is provided in Table 2.
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Figure 7: Novel intensified and heat integrated methanol synthesis process flowsheet.

The intensified flowsheet (Figure 7) has some major differences compared to the

conventional design (Figure 2). The WGS reactor and the CO2 membrane separator are

excluded from the flowsheet. Furthermore, both the conventional POX and MeOH reactors

are now replaced by intensified membrane reactors which are denoted by POX MR and

MeOH MR, respectively. The POX MR uses steam as feed and the generated syngas has a

H2 to CO ratio close to 2.0. Moreover, this ratio is around 4.0 at the MeOH MR inlet because

of the recycle flow. As the molar composition of CO2 at the MeOH MR inlet satisfies the

maximum allowable value of 3%, the CO2 membrane separator is not needed anymore. The

POX MR operates at a higher pressure (39 bar) compared to the conventional POX reactor.

As the methanol synthesis reaction takes place at a higher pressure, the syngas feed to this

reactor has to be compressed to a higher pressure. To reduce the energy consumption for

compression, the raw materials are compressed and the POX MR is also operated at a higher

pressure than the conventional case. Along with natural gas, steam enters the reaction side

of the POX MR, whereas air enters the shell side of the reactor. Due to the partial pressure

difference across the membrane, oxygen separation from the feed air occurs simultaneously.

The separated oxygen enters the reaction zone and is subsequently consumed. Because of

the exothermic nature of the partial oxidation reaction, the reactor temperature increases

and reaches the maximum allowable membrane temperature of 1173 K after the gases reach

about 80% of the length of the reactor tubes. However, at this condition the CH4 conversion

24



is only 33%. To increase the conversion and allow the reaction temperature to rise further,

the final 20% of the reactor tube is considered to be made of metal tubes, instead of using

membranes. To provide the required oxygen for POX reactions, pure oxygen enters the

reaction zone as a side feed in the first 80% length of the reactor. These type of partially

intensified design with side feed reactor is not uncommon and has been previously reported

in the literature.48 The produced syngas leaves the POX MR at 1573 K and exchanges heat

with natural gas, air, and oxygen. These reduces the syngas temperature to 716 K. A cooler

is used to further reduce the operating temperature of the VLE-1 separator. The syngas

from VLE-1 is compressed to 52 bar before it enters to the MeOH MR. Compared to the

conventional MeOH reactor, the intensified MeOH MR operates at a lower pressure. Because

of the in situ removal of the product methanol and water, the membrane reactor can produce

the same amount of methanol at a lower pressure.48 The permeate side of the MeOH MR

operates at 1 bar with air as the sweep gas. The outlet of the permeate side enters VLE-3

separator for methanol and water separation. The crude methanol product from VLE-3 has

a methanol purity of 93%. The main MeOH MR product enters the VLE-2 separator, and

the crude methanol leaves this separator as liquid with 95% purity. Crude methanol from

both the VLE-2 and VLE-3 separators enters the VLE-4 separator to release the dissolved

gases at 1 bar. Lastly, the crude methanol enters the distillation column with 30 stages. The

crude methanol enters to the distillation column at three different trays (trays no. 19, 21,

and 22).

4.2.1 Technoeconomic Analysis (TEA)

The annual income of the conventional design, the optimized design, and the novel intensified

design are 65.9 MM$/yr., 68.6 MM$/yr., and 75.6 MM$/yr., respectively. Compared to the

conventional design, the intensified process has 15% higher annual income. This is mainly

due to the higher recycle ratio and the in situ separation of products in the MeOH MR

reactor. The intensified process also has lower TAC compared to both designs. The TAC

components are presented in Figure 8a–c. In the conventional design, the annual raw material

cost is 54.7% of the TAC. These costs are 64.2% and 61.5%, for the optimal base design

and the intensified design, respectively. The actual raw martial cost remains unchanged

in the optimized design, but it has higher percent contribution in TAC compared to the

conventional design. The raw material consumption cost for the intensified process is 25.4

MM$/yr, which is 14% less compared to the conventional design. The raw material cost

is reduced mainly due to the reduction of pure oxygen consumption within the POX MR

reactor. As the POX MR reactor separates the required oxygen from the air and consumes it
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in situ, the membrane reactor consumes less amount of oxygen. However, the overall steam

consumption of the intensified process is higher compared to the other processes. The higher

steam consumption at POX MR improves the syngas quality, which in turn help exclude

the WGS reactor from the flowsheet. The intensified process also consumes less utilities.

The utility cost represents only 12.9% of the TAC. The combined cost of the hot and cold

utilities is reduced by 39% from the conventional design due to heat integration. Electricity is

mainly consumed to operate the syngas compressor. As the intensified MeOH MR operates

at a lower pressure (52 bar) compared to the conventional MeOH reactors (75 bar), the

intensified process consumes less electricity compared to the conventional process. In fact,

the annual electricity consumption cost of the intensified design is one-third of that of the

conventional design.
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Figure 8: Percent contribution of TAC components: (a) conventional design, (b) optimized
design, and (c) novel intensified design. The values beside each pie-chart represent the total
annual costs. The breakdown of the FCI is shown in (d).
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The FCI of the three design cases are shown in Figure 8d. The total FCI is segregated

among the reforming, compression, methanol synthesis, and separation sections of the

process. The POX MR of the intensified process is more expensive due to the cost of the

membrane tubes. The intensified process requires expensive methanol synthesis equipment

compared to the other designs. However, the intensified design does not have the WGS

reactor and the CO2 membrane separator, which help reduce the overall costs compared

to other designs. The total FCI of the intensified process is 21% lower and 8% higher

compared to the conventional and optimized design, respectively. Even though the intensified

process requires expensive equipment compared to the optimized process, it has higher TAP

because of higher methanol production. The methanol production costs are $328/tonne,

$266/tonne, and $218/tonne for the conventional process, the optimized process, and the

intensified process, respectively. Additionally, the intensified process has higher annual

return on investment (ROI). The ROI of the conventional design and the optimized design

are 18.2%/yr. and 32.8%/yr., respectively. On the other hand, the intensified process has

an annual ROI of 42.0%/yr., which makes the process more profitable than others.

4.2.2 Environmental Impact Assessment

Compared to the conventional designs, the intensified design is both economically more

profitable and environmentally more sustainable (Figure 9). Because of the low compression

work requirement, the indirect CO2-equivalent emission due to electricity consumption is less

for the intensified design. Similarly, due to heat integration, the CO2-equivalent emission

for burning fuel is reduced to half. The CO2-equivalent emission for processing shale gas

to supply the feed methane is equal for all three designs. However, as the intensified

process consumes less pure oxygen, it has less indirect CO2-equivalent emission for oxygen

separation. Finally, as the MeOH MR has higher methanol yield, it converts most of the

CO2 to methanol. Thus, the intensified process emits less direct CO2 to the environment

compared to the other two processes.
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Figure 9: Comparison of CO2-equivalent emissions.

5 Conclusions

The shale gas boom has increased the production of natural gas in the U.S. However, the

sparse locations of many shale gas wells hinder the use of this abundant natural resource.

We synthesized a novel intensified process flowsheet for methanol synthesis from natural

gas at a scale amenable to shale gas utilization at the source. The obtained flowsheet

has modular structure that can be easily transported to remote locations. For the process

synthesis, we used building block-based representation. The reactors were modeled with

detailed reaction kinetics. To avoid the complexity associated with thermodynamic models,

we used data driven surrogate models to estimate the thermodynamic properties. The

new intensified process requires fewer major equipment, has higher total annual profit and

higher return on investment and, at the same time, has lower GHG emission. Due to heat

integration, the process also consumes less hot and cold utilities. The intensified partial

oxidation reactor reduces the consumption of expensive pure oxygen by 34%. Similarly,

the intensified methanol synthesis reactor improves the overall methanol yield via in situ

product removal. This improves the overall methanol purity and reduces the burden of

further purification using distillation. All of these increase the annual return on investment.

Additionally, the process is more environmentally sustainable as it has significantly less

GHG emission. One thing is worth mentioning here is that, to access the actual benefit

of the presented novel flowsheet, detailed simulation needs to be performed. However, this

preliminary process synthesis gives us an indication that, to make the methanol production

process more profitable and sustainable, process intensification has to be considered during
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the synthesis stage of the process.
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